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For environmental and economical considerations, it is 

desirable to use iron ore concentrates directly without 

agglomeration and coal directly without coking for ironmcking. 

The present work is a study of the kinetics and mechanisms of 

iron ore reduction in ore/coal composites. An experimental 

system has been designed and experiments have been conducted 

with i n - s i t u  measurements of temperature and pressure to 

establish profiles within the ore/coal packing with the 

furnace temperature maintained at 1200 or 1300 OC. Samples 

were taken at various locations for chemical analysis in the 

partially reacted specimens . These experiments lead to a 
better understanding of this non-isothermal and non-isobaric 

system. A non-isothermal and non-isobaric matkematicaLmode1 

has been developed and validated by the experimental data. 

Mechanisms of heat transf er, mass transf er and interfacial 

reactions were studied using the mathematical model. The 

contribution of the individual kinetic steps to the rate of 

overall reaction were compared to evaluate the rate 

controlling step. 

The contribution of the author is the design of the 

iii 



experimental system which has demonstrated the non-isothermal 

and non-isobaric nature of the reaction system, and the 

development of the mathexnatical mobel. The present study may 

be used in new ironmaking processes and carbothermic process, 

such as  FASTMET and cokemaking processes. 
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CHAPTER ONE: INTRODUCTION 

The blast furnace ironmaking process is by far the most 

energy efficient ironmaking process at mass production rates, 

and thus the most important ironmaking process at M e  present 

t i m e .  Approximately 534,500,000 tomes of iron w e r e  produced 

worldwide in 1995; about 516,400,000 tonnes (96.6%) were 

produced in blast furnaces (ISS, 1996) . However, the blast 
- furnace operation demands high quality lumpy raw materials; 

therefore, ore concentrates must f irst  be agglomerated to 

sinter or pellets, and coal must be made to coke, prior to 

being use in the blast furnace. 

A modern blast furnace ironmaking plant usually consists 

of blast furnaces, sinter/pellet plants and coke ovens. The 

sinter/pellet plants and coke ovens are not only capital 

intensive, tequiring about 60% of total plant capital cost 

(Smith and Corbett, 1988). but also have high maintenance 

costs in ordet to meet environmental standards, which is 

especially true for the coke ovens. The future of the blast 

Purnace is not clear mainly because of the uncertainty of the 

availability of coke. These problems have led to a worldwide 

effort for more economical and environmentally friendly and 

coke-free ironmaking processes. 

1 
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Based on the reductant used, coke-free ironmaking 

processes may be generally c las s i f  ied as (a) natural gas-based 

processes, such as ~idrex and HyL, and (b) coal-based 

processes,  such as SL/RN, FASTMET, COREX, AISI, DIOS,  Hismelt 

and LB process (more detailed review of these processes is 

available i n  Chapter 2). Natural gas-based processes (Midrex 

and HyL) c o n s t i t u t e d  more than 90% of direct reduced i r o n  

(DRI) worldwide i n  1995. However, coal-based processes have 

attracted more and more a t t en t ion  for countries with abundant 

coal resources . 
Among the coal-based processes, the only commercial 

direct reduction process (producing solid sponge i ron)  is 

SL/RN process,  and the only commercial smelting reduction 

process (producing l i q u i d  iron) is the COREX process. The 

o the r  processes are either in pilot plant test or in bench 

scale test.  

The FASTMET and LB processes use iron ore concentrate and 

pulverized coal as r a w  materials .  The g a s i f  i c a t i o n  of coal  and 

pre-reduction of iron ore proceed in the same reactor. These 

processes present good k ine t i c  cond i t ions  for chemical 

reactions due to large gas/solid interfacial area and short 

dis tances  for  r e a c t a n t  t ransport  between r e a c t i n g  pa r t i c l e s .  

They have p o t e n t i a l  advantages of low energy consumption, no 

high temperature agglomeration of ore, and no coking step.  The 

successful commercialization of these processes  wil ldepend on 
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Our knowledge of kinetics and mechanisms in these ore/coal 

reaction systems. 

The objective of the present study is to study the 

kinetics and mechanisms of reduction of iron ore concentrates 

in the ore/coal composite; the work includes both experimental 

and theoretical work. 

Experimental work involves the design of a reactor and 

generation of experimental data under various conditions. It 

includes in-situ measurements of temperature and pressure in 

the reacting system, determination of profiles of chemical 

compositions of partially reacted ore/coal mixture, and 

detemination of chemical compositions of exit gas (Chapter 

Three) . Theoretical work includes the development of a non- 
isothermal, non-isobaric mathematical mode1 to explain 

experimental results 

potential advantages 

(Chapter Four and Five) and to probe 

of practical applications. 
- 



CHAPTER TWO: 

LITERATURE REVIEW 

The present work is a study of kinetics and mechanisms of 

the reduction of iron ore concentrate in the presence of coal. 

It is a fundamental study for the new ironmaking processes, 

i. e. coke-f ree ironmaking processes. The literature review is 

primarily concerned with reduction of solid iron oxides in the 

presence of solid carbon or coal. The generally accepted 

mechanism of reduction of iron oxides is by gaseous 

reductants; therefore, a review ofthermodynamics and kinetics 

of reduction of iron oxides by CO and H, is presented. A 

review of current situation of ironmaking technology is also 

included. 

2.1 Current situation of ironmaking technology 

2.1.1 Blast furnace ironmaking technology 

The blast furnace is a counter-curent packed bed reactor 

for the reduction of iron ore agglomerate and lump ore to 

produce liquid iron. Figure 2.1 shows the reaction zones and 

inner state of a modern blast furnace. The fundamentals of 



phys ical 

books by 

5 

chemistry in blast  furnace ironmaking can be found in 

Bodsworth (1963) and Biswas (1981) . 
Processes Properties 

Figure 2.1 Reaction zones and inner state of a blast  furnace 

(Ranade, 1994) 

T h e  modern blast furnace operation is based on 

agglomerates of iron ores, coke and hot blast with the 

characteristics of countercurrent f lows, i . e. the hot rëducing 
gas ascends while solids charged at ambient temperature 

descend, ~ h i s  countercurrent flow of gas and solid reactants 

results in the highly efficient use of thermal energy and 

reducing power of the gas generated in the raceways. The blast 

furnace ironmaking process is by far the most efficient, and 

thus the most important ironmaking process at present tirne. O f  

the roughly 534,500,000 tonnes of iron produced w o r l d w i d e  in 

1995, about 516,400,000 tonnes (96.6%) were produced in blast 
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furnaces (ISS, 1996). 

In the last  decade, efforts have been made to improve 

blast furnace ironmaking technology. These efforts include: 

fuel injection to lower coke consumption, blast oxygen 

enr ichment to increase product ivity , improved raw mater ials to 

improve product quality, burden and gas distribution to 

stabilize operation, sensors and computer control system to 

better control the operation. With these efforts, remarkable 

progress in blast furnace ironmaking, in terms of higher 

productivity, lower coke and fuel consumption and higher 

quality of product , have been made ( T a b l e  2.1) . 

Table 2.1 Achievement in selected blast furnaces 

productivity Fucl rite Cokerate Coalinjcction Hot maal 
thm/d/m'WV Wh k%thm kg/ihrn sificon, % 

Achievcment 3 .46 439 274 210 0.12 

Blast furnacc Raut~ruukki, Riuuniukki, Umuidai 6, Umuidcri 6, Nagoya, Japan 
F i d  F%bd NetherlPndr Ncrhcrlands 

Referenct Pisila ,1994 

However, the countercurrent movement of gas and solid in 

a blast furnace demands high quality lumpy raw materials; 

therefore, ore concentrate must be agglomerated to s i n t e r  or 

pellets, and coal must be converted to coke, prior to its 

introduction in the blast furnace. A modern blast furnace 

ironmaking plant usually consists of blast f urnaces, 

sinter/pellet plants and coke ovens. The  sinter/pellet plants 

and coke ovens not only are capital intensive, but also have 
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high maintenance costs due to requirements to maintain 

environmental standards, especially for the coke ovens. The 

future of the blast furnace is not clear mainly because of the 

uncertainty of the availability of coke. It has led to a 

worldwide effort to develop more economical, environmentally 

friendly and coke-free ironmaking processes. 

2.1.2 Coke-free ironmaking technology 

Coke-free ironmaking processes may be generally 

classified into groups according to the Final product of the 

process (sponge iron or hot metal), or according to the fuel 

used (natural gas-based and coal-based). Comprehensive reviews 

of development of direct reduction processes were published by 

The Metals Society, London (1979) and Stephenson (1980) . 
Reviews of coal-based ironmaking processes were published by 

Smith and Corbett (1988). An update review was given by 

McAloon (1994). 

2.1.2.1 Natural gas-based direct reduction 

Midrex and HyL processes are natural gas-based direct 

reduction processes. In 1995, about 91% of direct reduced iron 

(DRI) worldwide was produced by these two processes (Figure 

2.2) . Detailed descriptions of these processes can be f ound in 
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publication from The Metals ~ o c i e t y ,  London (1979) and 

Stephenson (1980). Typical examples of the natural gas-based 

direct reduction processes, both currently existing and under 

development, are listed i n  Table 2 . 2 .  

Mid 
64. 

Figure 2.2 D R I  production in 1995 by process (Ritt, 1996) 

- 
New processes under development include Iron Carbide 

Process which uses fluidized bed reactor with hydrogen gas and 

natural gas (without a reformer) as reductants to produce iron 

carbide. The iron carbide produced was reported to be non- 

pyrophoric, which is easier for storage and transportation, 

and f inely  divided which allows it to be dissolved and melted 

rapidly in steelmaking furnaces (Geiger and Stephens, 1993). 



Table 2.2. Important naturai gas-based direct reduaion processes (McAloon, 1994) 

Proccss M i d m  HYL m HyL 1' Fio r h n  carbide 

Status 

Typical plant cap., t/yr 

Iron o m  

Rcactor 

Pricssurc 

Energy consumption: 

Natural gas,GJ/t 

Powcr, k W t  

Product: 

Foms 

McWimtion, % 

Carbon content, 96 

industrial 

~,~ 

fines 

fluidizcd b d  

10 bars 

* From Dancy (1991) 

2.1.2.2 Coal-based direct reduction 

Although many coal-based and coke-free direct reduction 

processes have been reported (The Metals Society, London, 1979 

and Stephenson, 1980), SL/RN ptocess is the most successful 

commercially (Figure 2.2). SL/RN process, Figure 2.3, uses a 

rotary kiln as reactor. Inside the kiln, hot reducing gas and 

the ore move counter-currently. Due to the fact that gas and 

solid moves in different part of the kiln, the gas-solid 

contact is very poot. It leads to high fuel consumption and 

low productivity ( T a b l e  2.3). 



Figure 2.3 Flow sheet for a SL/RN process 

(Elsenheimer et al, 1994) 

Table 2.3. Important coal based direct reduction Processes 

FASTMET is a new process being developed by Midrex birect 

Reduction Corporation (Lepinski, 1993). In the FASTMET 

process, shown - in Figure 2.4, iron ore fines and pulverized 

coal are mixed together and pelletized. The dried green 

pellets are fed to a rotary hearth furnace. As the hearth 

rotates counter-currently tothe flame, the pellets are heated 

to 1250 to 1350°C and iron oxide is reduced to metallic iron 

PROCESS SUWS 

before one revolution is completed. As both iron ore and coal 

are in small sizes (in form of fine) and well mixed, the 

From Elrtaheimer a ai (1994), *+ tmm McAloon (1994) 

Typicd 
pluu cap., 

150,000 

500,000 

(ron ore 

lumpdpe 
Ueir 

fines 

W d  
prrprntioa 

added 
sCp4mtcly 

Brtcn 
peu- 

Rtrctor 

rorry 
lriln 

WrY 
hcarth 

Off grs 

itmp., 
v 

900m 
1000 

Cod 
nrt, kglt 

920 

380 

Natuml 
g u  d, 

GJ/t 

2 5  
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FASTMET process developer claims that it has good k i n e t i c  

conditions for chemical reactions. 

I HBI HolDRI 
w D n n i C o o ( e r  

-DRI 

Figure 2 .4  FASTMET process 

A demonstration plant for the FASTMET process is 

currently under t e s t i n g  at Kakogawa Works (Hoffman and Myers, 

1996), and the first commercial plant will be built in the 

Southern United States, 
- 

2 . 1 . 2 . 3  Coal-based smelting reduction 

Coal-based smelting reduction processes usually consist 

of two reactors for the purpose of better energy efficiency, 

i. e. one reactor for pre-reduction at lower temperaturas, and 

another high temperature reactor for final reduction and 

smelting. The exit  gas from the smelting reduction reactor, 

after de-dusting, remains hot enough and have adequate 



reducing power to be used as reductant in the pre-reduction 

reactor. Table 2 .4  lists examples of the processes existing 

and under investigation. 

COREX process, Figure 2 A, is the only commercialized 

smelting reduction process. A COREX unit of 300,000 t/yr 

capacity has been operating in ISCOR in South Africa and 

another larger unit is functioning well in Pohang Works, Posco 

of Korea. 

In the COREX process production of high reducing power 

gas in the melter much exceed the requirement for the shaft 

furnace. The COREX process operates at a low energy 

efficiency, at a coal consumption of about 1100 kg/thm. The 

economics of the process depend on the market value of the 

excess gas for sale. 

Figure 2.5 COREX process  (Smith and Corbett, 1988) 



1 Final reduction: 

Table 2.4 Selected coal-based iron making process 

off gas temperature, OC 1 1 050 1 1XXl to  16% 1 1 690 1 -1500 1 750 

Rsactor 

Post combustion, % 2 to 5 1 -40 1 55 1 -40 1 >92 

AlSI 

pilot 

5 tBir 

lumps/Fiellets 

shsft 

- 30 

Process 

Status 

Typical plant cepacity 

lion ore 

Prareduction 
reactor 

Osgres of pro- 
reduca'on. % 

LB Furnace 

bench scale 

concentrates 

tube packsd with 
orslcoal mixture 

> 90 

Hlsrnelt 

pilot 

l ~ , o o o  t/vr 

concentrates 

fluidized bsd 

- 22 

COREX 

industrial 

300,000 t/yr 

lumps/pellets 

shaft 

>90 

fluidized bed 

AISI and DIOS processes (Table 2.4) were designed for 

DIOS 

pilot 

100 tiday 

fines 

fluidized bed 

<30 

Energy consumption 

very high processing rate in a BOF-type vessel at very high - 
temperatures and strong mixing. The smelting reduction vessel 

in bath rmdter 

was designed to operate at about 30% pre-reduction and 

Coal, kghhm 

Oxygen, Nm3/thm 

Po wer, kWh/thm 

References 

metallization is carried out by reducing Fe0 in slag. However ,  

in  bath smdter 

630 

Wingroveet al, 
1994 

the high processing rate necessitates high concentration of 

1100to 1250 

600 to 750 

Delport, 1992 

Fe0 in slag, high rate of CO generation from reduction and 

in bath emslter 

-1100 

Aukrust, 1992 

-1100 

500 to 750 

Ibareki e t  al, 
1995 

From partial combustion of coal to generate heat for strongly 

plasma furnace 

-370 

300 

Lu et  al, 1986 

endothermic reactions. It appears to be that the conditions 

for high productivity, low energy consumption, long ref ractory 

lining life and stable operation can not be achieved at the 



same t i m e  for a period of time of practical importance, at 

least  a t  present (Nelko, 1 9 9 4 )  . 

I I I  1 - I 

Figure 2.6 LB furnace process (Lu et al, 1986) 

LB process at bench scale, Figure 2.6, uses iron ore 

concentrate and pulverized coal to produce liquid iroh in a 

single furnace. Mixtures of iron ore concentrate and 

pulverized coal are fed and heated in a tubular reactor for 

pre-reduction. The chemical heat in the off gas from this 

reactor is converted into physical heat by combustion in a 

combustion chamber, and then used to heat the ore/coal 

mixtures indirectly in the pre-reduction reactor. This 

configuration gives the LB furnace process a high energy 

efficiency (Table 2.4). The use of fine raw materials and the 



gasif ication of coal and 

reactor mean that LB 

15 

pre-reduction of iron ore in the same 

furnace process has good kinetic 

conditions for chemical reactions due to large gas/solid 

interfacial reaction area and short distances for reactant 

transportation. The use of fine raw materials a l so  avoids both 

high temperature iron ore agglomeration and cokemaking. Thus, 

this process, in comparison with blast furnace ironmaking, has 

higher energy efficiency and fewer processing steps. 



2.2 The thermadynamics of iron oxide reduction 

The thermodynamics of iron oxide reduction have been the 

subject of many books (Bodsworth, 1963; Bogdandy and Engell 

1971; Strassburger, 1969; Ross, 1980) . ~ h i s  review includes 

the iron-oxygen system and equilibrium relations between iron 

oxides, carbon monoxide and hydrogen. 

2.2.1 Iron-oxygen system 

Point 

1418 

2500 

Figure 2.7 The binary system of iron-oxygen 

(Darken and Gurry, 1946) 
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The system may be best  described in the phase diagram by 

Darken and Gurry ( 1 9 4 6 )  as shown in Figure 2 . 7 .  

Iron oxides may ex i s t  in three forms, i .e .  hematite 

( F q 0 3 )  , magnetite (FqO,) and wustite (FeO) depending on 

temperature and oxygen potential of the system. Although the 

non-stoichiometric wustite is usually written as F e 0  or Fe,O, 

the actual oxygen content in wustite has a wide range from 

23.1 to 25.6 w t % .  The value of x in Fe,O is less than unity 

and close to 0.95 when it CO-exist with metallic iron.  

2 .2 .2  The sequence of the reduction of iron oxides by gases 

The reduction of hematite to produce iron takes place 

step-wise, w i t h  porous magnetite and wustite (at a temperature 

above 570°C) a s  intermediates as shown in F i g u r e  2.8.  A t  

temperatures below 570°C wustite w i l l  not  form. 

Hematite 
Magnetite 

Wust ite 

Iron 

Figure 2 . 8  Cross-section of a partially reduced dense iron 

ore particle showing topochernical type of reduction 
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2*2,3 Equilibrium compositions between iron oxides and 

reducing gases 

Carbon monoxide and hydrogen are the most conunon reducing 

agents used in commercial processes. Some thetmodynamic data 

(Bogdandy and Engell, 1971; Ross, 1980) are given below a s  

examples. Heat of reactions for the stoichiometric equations 

(per gram moles at 25OC) are included. 

3Fe24 + CO- 2Fe30,  + CO, AH O- -52,869 J/g-mole (2  1) 

Fe, O, + CO - 3 Fe0 + CO, AH0- 3 6 , 2 5 0  J/g-mole (2 .2 )  

FeO+ CO- Fe+ CO2 

At a temperature below 570°C, magnetite is reduced 

directly to metallic iron, 

1 3 -Fe,O, + CO- -Fe+ CO, 
4 4 

AH0- -3,916 J/g-mole ( 2 . 4 )  

- 
The equilibrium constant, X, of reactions listed above 

can be calculated from the standard free energy change of 

these reactions as a function of temperature (Elliott and 

Gleiser, 1960; Bogdandy and Engell, 1971). As an exanple, for 

reaction (2.3), the equilibrium constant can be calculated as 

f ollows 



The iron and wustite are assumed to be essentially pure 

solids, hence, their activities may be considered to be unity, 

then the equilibrium ratio of partial pressure in the  wustite 

reduction may be calculated from Equation 2 . 7 .  

Similar calculations could be made for the other three 

reactions. The equilibrium phase diagrams (super-imposed with 

that for carbon-carbon oxides system) is shown in Figure 2.9. 

Figure 2.9 Equilibrium gas compositions versus temperature 

diagran for the iron-carbon-oxygen system (Ross, 198 0 )  
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The  reduction of iron oxides by hydrogen is endothermic 

for reactions (2 .9 )  and (2.10) . The heat of reactions at  25OC 

are listed below 

The phase diagram of the H-O-Fe system is shown in Figure 

Figure 2.10 Equilibrium gas compositions versus temperature 

diagram for the iron-hydrogen-oxygen system (Ross, 1980) 



2.2.4 Reactions between gases and solid carbon 

The equilibrium c u v e  for solid carbon and CO-CO, mixture 

(as shown in Figure 2.9) is highly endothermic 

C q +  C-2C0  AH O - 172,464~/g-mole (2.12) 

This reaction is commonly known as Boudouard reaction, or 

carbon gasification. This reaction is highly endothermic and 

has a very large activation energy for chemical kinetics; 

therefore, it ptoceeds at an appreciable rate only at 

sufficiently high temperatures for a given reactivity of 

carbon. 

The oimilar reaction in carbon and Hz-H,O mixture is given 

below 

H 2 0 + C - C O + H ,  AH@ - 131,294 J/g-mole (2.13) 

In the presence of solid carbon, Reactions (2.12) and 

(2.13) may restore the reducing power of local gas to austain 

the reduction of iron oxides at the expense of heat. 

2.3 K i n e t i c s  of reduction of iron oxides by CO and H, 

In the kinet ic  study of the reduction of iron oxides by 

CO and Hz, a spherical pellet is usually used for mathematical 

modelling because of its siicpla geometry and its similarity to 

commercial products. In this section, the shrinking core mode1 
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which was developed in the study of pellet reduction are 

briefly reviewed. Rate controlling steps and values of rate 

constants reported in the literature are discussed. 

2.3.1 The reduction of a single oxide particle 

The monitoring of reduction kinet ics  of a single oxide 

particle is usually carried out by suspending a spherical 

sample from a balance in a flowing-gas stream of known 

composition and temperature for continuous measurement of 

weight loss. The pioneer work was done by McKewan (1958) who 

studied magnetite reduction by hydrogen at temperatures less 

than 570°C. In order tu analysis the weight-loss data, the 

experiment is usually designed for: (1) isothermal conditions; 

(2) single solid/ solid interface where gas/solid reaction 

takes place; and (3) dense specimens. A sketch showing the 

reduction of a dense wustite sphere by CO is given in Figure 

2.11. 

The system is made of three phases: the gaseous phase, 

the porous layer of solid product, and the un-reacted pore- 

free so l id  reactant. The removal of oxygen from wustite takes 

place at a sharp iron/wustite interface, which shrinks 

parallel t o  the i n i t i a l  outer surface of the pellet, and 

results in weight-loss. The removal of oxygen proceeds through 

the following steps occurring successively during the 



reaction : 

film 

Figure 2.11 Schematic illustration of a part ia l ly  reduced 

dense wustite pellet and a shrinking core mode1 

(a) Transport of gaseous reactant (CO) f r o m  bulk gas to 

exterior surface of the particle through a gaseous boundary - 
layer ; 

(b) Diffusion of gaseous reactant (CO) through the porous 

iron layer to the iron/wstite interface; 

(c) Reduction of wistite by gaseous reactant to form 

metallic iron and gaseous product (CO,) at the iron/wustite 

interface; 

(d) Diffusion of gaseous product (CO*) outward through 

the  porous iron layer; and, 

(e) Transport of the gaseous product (CO,) from the 
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exterior surface of the  particle to the  bulk gas through the 

gaseous boundary layer. 

Mathematically, the rate equations of these sequential 

steps may be expressed in three general classifications as 

follows (Spitzer et al, 1966) : 

(i) M a s s  transf er through a gas film (steps (a) and (e)  ) , 
The molar flux of CO from the bulk gas phase to the 

exterior surface of the sphere is given by: 

ri& - -h,4nrz (&CA) (2 .14 )  

Similarly the molar flux of C 4  from the exterior surface 

of the sphere to the bulk gas phase is given by: 

where ii", is molar flow of CO from bulk gas to exterior 

surface of the pellet, nmm2 is molar flow o f  CO, from exterior - 
surface of the pellet to bulk gas, mole/s; h, and h, are 

mass-transfer coefficients for CO and CO2, m/s; and cb,, c&,, 

cb, and CO, are concentrations of CO and CO, at bulk gas phase 

and the exterior surface of the particle, mole/m3, 

respectively . 

(ii) Diffusion through porous product layer (steps (b) and 

(dl 1 

The molar f lows of CO and CO, (nD, and nDm2) by diffusion 



through the porous i ron  layer are given  by: 

and 

respectively . Where Dm and D- are effective dif fusivities 

for CO and CO,, m2/s, respectively. 

(iii) Interf acial chemical reaction (step (c) ) 

Oxygen removal from FeO/Fe interface by reaction (3) is 

usually 

respect 

rate of 

considered as a f irst order, reversible  reaction with 

to the concentration of a gaseous composition. Its 

interfacial reaction is expressed as 

where ro is the rate of oxygen removal, mole/s; k is th& rate 

constant, m/s; and K, is the equilibrium constant. 

Each step may contribute resistance to the completion of 

the overall chemical reaction. The slowest step among these 

five which are connected in series will provide the largest 

resistance to the overall teaction. If a step is much slower 

than al1 others so that resistances attributed to the other 

steps become relatively insignificant, this step is called 

rate-limiting or rate-controlling. 



2.3.2 Mathematical modelling of isothermal systems 

McKewan (1960) observed the rate of weight loss due to 

the removal of oxygen atmagnetite/iron interface in spherical 

pellets (0.009 m in diameter) at a temperature lower than 

570°C is proportional to the area of the iron/iron oxide 

interface. He proposed an 'area-controlled modelf L e .  the 

rate of reduction was controlled by gas-solid interfacial 

reaction (Equation 2.18). He assumed that the un-reacted core 

of magnetite retains the shape of a sphere but shrinks with 

increased reaction tirne. The rate of reduction, in terms of 

rate of removal of oxygen per unit time, may be expressed as: 

where dw,/dt is the rate of removal of oxygen in the solid 

specimen, mole/s; r is radius of the un-reacted core, m; and 

p. is the oxygen density of the s o l i d  reactant, mole/m% 

By integrating Equations 2.18 and 2.19, McKewan (1960) 

obtained following equation For the calculation of the degree 

of reduction or the s i z e  of the core as a function of the time 

of reaction. 
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where p is t he  fraction of the magnetite reduced and expressed 

as 

This model fits h i s  data very well as shown in Figure 

2.12 except at very long reaction t i m e s .  

2.12 Interfacial reaction mechanism, 

linear relationship between the thickness 

of reacted layer and time (McKewan, 1960) 

Kawasaki et al (1962) used larger artif i c ia l  pellets with 

a diameter of 0.015 to 0.044 m and conducted the experiments 

at temperatures of 870 to 1200°C. They reported that their 

data can be explained very well by a model which assumed the 

rate of overall reaction is controlled by gaseous diffusion 
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through the porous product layer except at the  early period of 

reduction. T h e i r  resulting dif fus ion  mechanisn equation is the 

integrated form of ~quation 2.14, 2.16 and 2.19, 

where W, is oxygen molar weight loss of the oxide when fully 

reduced, mole; A, is outside area of the specimen, m2; and y is 

gas film thickness surrounding specimen, m. Their experimental 

and theoretical resul t s  are found i n  Figure 2.13. 

Figure 2.13 Diffusion mechanism for reduction of 

0.028 m hematite sphere from wustite to iron 

by carbon monoxide (Kawasaki et al, 1962) 

Lu (1963) recognized that interfacial reaction control 

and gas diffusion control are two extreme situations in the 

reduction of a iron oxide. During a reduction reaction, it is 
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possible t h a t  rate control may shift gradually from one 

mechanism to another. Lu (1963) proposed a mixed control model 

to include interfacial reaction and diffusion steps. In order 

to eliminate the unknown concentration of gaseous reductant in 

the interface, Lu proposed a quasi-steady state model to 

connect steps (b) and (c) in Section 3.2.1 and derived a 

general rate equation in the integrated form as follows 

Experimental data reported by McKewan (1960) and by 

Kawasaki et al (1962) is explained very well for the whole 

range of degree of reduction based on Equation 2.23. 

spitzer et al (1966) and Nabi and Lu (1968) extended Lu's 

model to include al1 five steps to a system with up to 3 

reacting solid/solid interfaces , i . e . Fe,03/Fe@, , F+O,/FeO and 

FeO/Fe interfaces. The model is limited for the case that 

kinetics of al1 heterogeneous teactions are assumed to be 

first order with respect to the concentration of gaseous 

reactants and products, and that diffusion coefficients are 

independent of gas concentration. 
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2.3.3 Determination of the value of the rate constant of an 

interf acial reaction 

The rate constant k is a temperature-dependent parameter 

usually to be determined from kinetic data obtained 

isothermally according to a mathematicalmodel. The meaning of 

a rate constant is determined by the rate expression adapted 

for a heterogeneous reaction. For low temperature reduction of 

magnetite to metallic iron k is defined as the rate constant, 

the single kinetic parameter, for forward reaction (McKewan, 

1960) . 
The common approach in determining a value of a rate 

constant of an interfacial reaction is by careful experimental 

design to minimize the effect of transport steps, so that a 

simple mathematical model, such as Equation 2.18, could be 

used to analyze the data. It should be borne in mind that 

Equation 2.18 is for a special case, Le. solid reactant is 

pore-free and spherical, and gas-solid reaction takes place at 

a sharp solid-solid interface (topochemical) as depicted in 

Figure 2.11. However, most specimens used in kinetic studies 

are multi-grain samples (green pellet) or porous agglomerates; 

therefore, the gas-solid reaction usually takes place in a 

reacting zone with a certain thickness as shown in Figure 

2.14. Then the rate of reaction should be expressed as 



K - A= k ( C ~ - - C ~ / K , J  

where 4 is the area of reaction surface at time t. 

Figure 2.14 Schematic illustration of a partial 

reduced wustite pellet of high porosity 

A s  the rate of reduction is usually measured by specimen 

weight loss, the value of gas-solid interfacial area must be 

provided before the value of rate constant could be determined 

using equation 2.24 .  

Another special case is that the solid reactant is small 

in s i z e  and highly porous, so that pores are open and well 

connected w i t h  the external surface. Due to the ease of mass 

transfer through void space by gaseous diffusion, the whole 

specimen takes part in the chernical reaction with slightly 

varying intensity in different regions at the sane the. The 

initial interfacial area for the gas-solid reaction of the 

specimen at t h e  start of the reaction is the total solid 



surface of the specimen, decreases with tirne 

where p is the density of the solid reactant, and a, is 

specif ic surface area of the solid reactant. The a, is usually 

determined by B.  E. T . method. 
However, most of the solid reactants used in the 

experiments represent neither of these two special cases. In 

general, in the analysis of experimental data, the product A& 

in Equation 2.24 can not be separated without additional 

information. 

Although numerous works have been conducted for the 

purpose of evaluation of kinetic parameters, there are only a 

few with the proper experimental design and mathematical 

modelling so that rate constants could be extracted from data 

with a def ined meaning. Only those papers with some details on 

experimental conditions and matheniatical modelling are 

selected for review here. 

Figure 2.15 shows the plot of rate constant for wustite 

reduced by CO against the reciprocal temperature, reported by 

different investigators. The difference in the reported values 

is substantial. The reported experimental condition are listed 

in Table 2.5. It is clear that the use of Equation 2.18 would 

result in an under-estimation in the value of reaction surface 

area, and thus an over-estimation in the value of the rate 



constant,  from the value 

hand, the use of Equation 

of t h e i r  

2.25 has 

3 3  

product A$. On the other 

the opposite effect. 

1 p 1 0 3  (11~)  

Figure 2.15 Plot of r a t e  constants 

temperature for reduction 

aga ins t  the reciprocal  

of Fe0 by CO 

Murayama, Ono and Kawai (1978) and Tsay and Szekely 
- 

(1976) assumed a pore-free specimen and used Equation 2 . 1 8 .  

The values of rate constant they obtained may be considered as 

the upper l i m i t  of the true value (Figure 2 . 1 5 ) -  Trushenski, 

L i  and Philbrook (1974) and nirkdogan and Vinters (1972) 

assumed porous specimens and used Equation 2 . 2 5 .  The values of 

rate constant they obtained may be considered the lower l i m i t  

i n  Figure 2 . 1 5 .  Turkdogan and Vinters (1972) also estimated 

the rate constants for reduction of dense wustite plate  using 

s imi lar  technique as i n  Equation 2 .18 .  The rate constants thus 
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obtained are shown in Figure 2.15 marked as Turkdogan & 

Vinters  (dense) . The dif ference between the limiting values of 

rate constants extends over three orders of magnitude. 

However, it is important to note that  the values of the 

product A& for the specimen of similar s i z e  from different 

work at 800°C (the third row from bottom in Table 2 . 5 )  are of 

the same order of magnitude. Therefore, the difference in the 

réported values of the rate constant reflected the difference 

in the assumed value of &. This insight provides a guidance 

in our search for values of rate constants in the present 

work. 



Table 2.5 Reported experimental condition for rate 

constant determination for wustite reduction 

S tarting hematite ore 
materials 

hematite 
po wder 

hematite l hematite ore I steel stn'p 
oowder 

green pellet granule plate Wustite shape 1 firsd pellet 
I 

green disk" 

Porosity. % 

- 

very dense 

. . -  - - - . - - - - -. - 

%ET. 1 B.E.T 1 topochernical interface area I topoc hernical l topochamicd 
detemination 

Il Specific surface et 
800'C. m'/kg 1 

1 initiai sudace per ( I 11 specimen n 8 0 0 ~ .  
rn2 I 

Gas velocity, 

I Gas CO CO 
composition, 

- - 

6ôû t o  900 

weight loss I weight loss 
measurement 

weight loss Nsight lors weight loss 

Steps in mode1 reaction,diffusion, I mess transfer 
reaction. 
diffusion 1 

reactïon. reaction 
diffusion 

l reaction 

Claimed R.C.S. I interfocid 
rsaction l interfacial 

reaction 

Oeta used whole range whde range whok range 1 initiai rate 1 initiai rate 

Equation 2.25 1 Equation 2.25 1 Equation 2.18"' 4 Equation 2.1 8 Equation 2.18 

k at  80û°C. m/sec 1 0.0093 1 0.0072 1 * R . C . S . :  rate controlling steps 
** bottom and top side of the sample were ceramic coated. 
*** for flat plate 
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2.4 Reduction of iron oxide in iron oxide/carbon composites 

The reduction of iron oxide in iron oxide/carbon 

composites has been extensively investigated in the last three 

decades. However, due to the complex nature of this reaction 

system and limitations of existing experimental techniques, 

the reduction kinetics and mechanisms in this system are less 

understood than that of reduction by gaseous reductants. In 

this section, the experimental techniques used and 

mathematical mode- developed, and their limitations are 

reviewed . 

2.4.1 Experimental studies of iron oxide reduction in iron 

oxide/carbon composites 

In experimental studies reported in the literature, 

hematite was commonly used as the iron oxide, the forms of 

carbon used included graphite, coke, coal char, coconut char, 

charcoal, and coal. The particle size of both iron oxide and 

carbon ranged from -60 to -325 mesh. The specimen of iron 

oxide/carbon mixture was prepared either in the form of 

pellets. with a size ranging from 0.006 m to 0.019 m in 

diameter (Ghosh and Tiwari, 1970; Rao, 1971; Fruehan, 1977; 

Seaton et al, 1983), or in packed beds (Otsuka and Kunii, 

1969; Bryk and Lu, 1986; Haque et al, 1992 and 1993). Table 



2 . 6  lists some examples of these studies; experimental 

techniques and conditions are also included. 

T a b l e  2 . 6  Reported study of iron oxide reduction 

in oxide/carbon composite 

[ 2 ] .  weighted B & A: weighted specimen bëfore and after reaction; 
133 .  G . C . :  Gas chromatography; 

Otsuka & 
Kunii 

hernatite 
powder 

-100 to - 
325 

graphite 

-65 to - 325 

80120 by 
wt% 

packsd bed 

M.016 x 0 .  
02 

1050 to 
1150 

N2 

micro- 
bdance 

G.C. 

C 
gsdfication 

Feo 
reduction 

the author; 

Btyk & Lu 

magnetite 

-200 

coal 

-1 6 to -200 

80.7/19.3 
to 

70130, wt% 

packsd bed 

$10.019 to 
0.043 

x0.09 to - 0.132 

900 to 
1300 

air 

c h-cal 
andyais 

no 

heat 
transfer 

Srhivasan 
et ai 

hematite 
ore 

-300 

graphite 

-300 

113 to 118, 
b~ 

mole 

pellets 

@.O12 

925 to 
1 060 

Na 

micro- 
balance 

G.C. 

C 
gasificstion 

Fe0 
reduction 

suggested 

Referencss Seaton et  al 

Fe30,, Fe203 
ore 

coel char 

-325 

-80120 by 
wt% 

pellets 

tpCJ.014 

800 to 
1 200 

N2 

weight B & 
A 

no 

dWJdt =- 
w 

C 
gasification, 

heat 
transfer 

by 

Ghosh & 
Tiwen 

hernatite ore 

-60 

coke 

-60 

8511 5 to 
60/35by 

wt-% 

pellets 

@.O19 

900 to 
1160 

ore 

carbon 

speci- 
men 

F o m  

Size, 
mesh 

Fonn 

Site, 
mesh 

Oxide 
t o c  
ratio 

P 

F o m  

L 

Size,m 

Rao 

hematite 
powder 

-325 

emorphous 
carbon 

-48 to 
-325 

1 11.5 to 
l m ,  b~ 
mok 

pellets 

w.008 %O 
.O1 3 

850 to 
1 087 

Temperature,'C 

Atmosphare 

Weight 
measurernent 

Gas andysic 

mode1 

u.C.S."' 

[l]. RaCaSa: 

Fniehan 

hematite 
powder 

-200 

charcoal, 
char, 
coke, 

graphite 

-200 

8411 6 by 
wt% 

pellets, 
p a c k d  bed 

@.O06 to 
0.01 4 

900 to 
1 200 

Ar 

micr* 
bdance 

G.@. 

dW,ldt=- 
kW, 

C 
gasification 

Steps, 

weightsd 8 
& Ani 

no 

Fe0 
reduction 

Ar 

w d g h t d  B 
& A  

IK> 

dWJdt=- 
kW, 

C 
gasification 

R a t e  Controlling 
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(a) Pellet specimens: Weight-loss method was commonly used 

in the kinetic study of pellet specimen. In these  types of 

experiments, the specimen was suspended in a vertical tubular 

furnace. At the beginning of an experiment, the furnace was 

quickly heated to the pre-set temperature. The specimen 

weight-loss was recorded continuously by microbalance 

(Fruehan, 1977 ; Srinivasan and Lahiri, 1977 ; Bandyopadhyay et 

al, 1993) , or by weighing the specimen before and after the 
reaction (Ghosh and Tiwari, 1970; Rao, 1971; Seaton et a l ,  

1983) . Gas chromatography was a l s o  used to analyze exit gas 

contposition to get the rate of carbon gasif ication indirectly 

by some investigators, including Fruehan (1977) , Srinivasan 
and Lahiri (1977), Bandyopaâhyay et al (1993). 

These experiments provided a qualitative understanding of 

these reacting system. The rate of the overall reaction 

increases with the increase of several experimental parameters 

such as f urnace temperature, carbon/ iron oxide ratio, 

reactivity of carbon, and specific surface of both iron oxide 

and carbon. However, quantitative information, particularly 

with respect to the composition changes and temperature 

variations within the specimen as functions of reaction t i m e ,  

were not available in these investigations. 

The weight-loss method measures onlythe weight-loss of the 

specimen during reduction, which consists of loss of weight 

due to gasification of carbon (Le. Reaction ( 2 . 8 ) ) ,  and 
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removal of oxygen from iron oxides (i. e. ~ e a c t i o n s  (2.1) to 

(2.4)). It is impossible to calculate contributions of 

individual reactions to the measured weight loss in these 

studies. 

(b). Packed bed: Different sizes of packed beds were used 

in the study of iron oxide reduction. Otsuka and Kunii (1969) 

and Fruehan (1977) packed t h e  iron oxide/carbon mixture in a 

small crucible, 0.016 and 0.014 m 1. D. respectively, and used 

the same method as that for the pellet specimen experiments, 

L e .  a weight-loss method and exit gas analysis, with similar 

shortcomings as discussed above. 

In order to obtain kinetic information of the reacting 

solids within the bed, Bryk and Lu (1986) designed their 

experiments with a larger crucible. They packed the mixture of 
1 

magnetite ore/coal in steel cruc ib les  with inside diameters of 

0.019, 0.032 and 0.043 m, and heights of 0.09 and 0.132 m. The 

loaded crucibles were heated in either a muffle furnace or a 

tubular furnace. Temperatures at the centre of packing were 

monitored continuously by an embedded thermocouple. A f t e r  a 

predetermined the, the crucibles were taken out of the 

furnace and cooled externally under argon atmosphere. Samples 

of reacted mixture at various locations along the radial 

direction were taken for chemical analysis. These experiments 

were the f irst to confirm concentration gradients of solid 

phases along the direction of heat flow within the specimen. 
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However, only two temperatures were measured, i-e. centre and 

surface of packing, the temperature distribution within the 

system was uncertain, and no attempt was made to obtain 

information of gaseous phase. 

2 . 4 - 2  Reduction mechanisms 

It is generally agreed among authors in this field that  the 

reduction of iron oxide and oxidation of carbon proceed by 

simultaneous gas/carbon and gas/iron oxide reactions, L e .  

Reactions (2.1) to (2.4) , and (2.8) . The reaction between the 
two solid phases can only happen at points of direct contact 

which will be destroyed as soon as solid product forms and 

carbon is gasif ied. 

Otuska and Kunii (1969) and Fruehan (1977) observed that 

the rate of weight-loss decreased significantly after a loss 

of 10% of the initial weight. Assuming the specimen is 

homogeneous, a mass balance calculation indicates that it 

corresponds t o  complete reduction of hematite to wustite. They 

concluded that in the "first stagegg reduction, hematite was 

reducedto magnetite and then wustite uniformly throughout the 

specimen, and assumed that no metallic iron was up to that 

tirne. Wustite was then reduced to metallic iron in the %econd 

stagegf of reduction. Srinivasan and Lahiri (1977 ) supported 

this conclusion with their X-ray investigation results of 
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partially reduced pellets. However, in x-ray analysis of 

partially reduced specimens of similar s i z e ,  al1 of F+03, 

FqO,, Fe0 and metallic iron w e r e  identified i n  the single 

pellet by Ghosh and Tiwari (1970) and Rao (1971). This 

suggests the reduction of t h e  iron oxide, depending on the 

size of the specimen and the temperature, may not be uniform 

in composition and temperature throughout the pellet. This 

non-uniformity in the reduction of iron oxide within the 

specimen was conf irmed by Bryk and Lu (1986) , who observed 
concentration gradients of iron oxides along the direction of 

heating in their chernical analysis of partially reduced 

specimens. 

2.4.3 Isothermal mathematical model 

In this system w i t h  a strongly endothermic reaction, heat 

is supplied outside of the specimen and consumed in the 

interior. The existence of a large temperature gradient within 

the specimen is necessary to maintain a large heat flux to 

sustain endothermic reactions. It is a non-isothermal system, 

even though the furnace temperature can be kept constant. For 

the overall reaction, gases are produced in the interior of 

the specimen from solid reactants. It would be necessary to 

include temperature and pressure gradients and flows of heat 

and gases in the mathematical model to yield better CO- 
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relations and explanations. However, due to lack of 

information, heat and mass transfer  were not included i n  

modelling except Seaton (1983) and Bryk and Lu (1986). 

In the modelling of iron oxides and carbon system, Rao 

(1971) , Fruehan (1977) and Seaton et al (1983) assumed that it 
is an isothermal system and that gasification of carbon was 

the rate controlling step. The following rate equation for a 

pseudo-homogeneous reaction of f irst order with respect to the 

remaining carbon in the system was used to explain their 

experimental results. 

where WC is the weight of carbon and k, is a rate constant. 

Alternatively, its integral f onn is: 

where f, is the fraction of carbon reacted. - 

Equation 2.27 was used to fit their experimental data; 

however, agreement was obtained only for a certain range of 

reaction times and temperatures . In Rao's (197 1) study, the 

computed results from Equation 2.27 fitted his experimental 

data only after the process reached a weight-loss of about 15% 

of the  initial weight in temperature ranges from 957 to 1087OC 

as shown in Figure 2.16, but failed at  temperatures of 907 and 

947°C as shown in Figures 2.17. It should be noted that at 

higher temperatures and after 15% of weight loss, carbon is 



also participating in the rate-controlling step. 

Fig. 2.16.. P l o t  of experimental results according 

to Equation 2 . 2 7 ,  957 to 1087OC (Rao, 1971) 

F i g .  2.17. P l o t  of experimental results according 

ta Equation 2 . 2 7 ,  907 ta 947OC ( R a o ,  1971) 
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In a study of reduction of very fine hematite (-325 mesh) 

by graphite, Otsuka and Kunii (1967) plotted the rate of 

oxygen removal against the reciprocal of temperature at t w 0  

levels of reductfon degree, 20% and 60%. A t  20% degree of 

reduction, the "activation energyw was f ound to be 230,120 to 

313,800 J/mole, and 62,760 ta 98,324 J/mole at 60% degree of 

reduction. By comparing with reported values of wactivation 

energyw for iron oxide reduction and carbon gasification, they 

claimed that the 

this system was 

" F i r s t  stage" of 

"second stage" 

reduction of f i n e  hematite (-325 mesh) in 

controlled by carbon gasification at the 

reduction, and by wustite reduction at the 

of reduction. With the same technique, 

Srinivasan and Lahiri (1977) reached a similar conclusion 

about the rate controlling step. 

However, in the analysis of off gas from the reaction tube, 

Fruehan (1977) observed that CO/CO, ratio during the ent ire  

reduction proceso was found to be close to the equi<ibrium 

value for FeO/Fe under CO/C02. H e  concluded that the carbon 

gasification reaction is the rate controlling step for the 

process . 



2 .4 .4  Non-isothermal condition of the system 

~ecognizingthatthe highly endothermic carbon gasification 

would act as a heat sink preventing the reacting system from 

reaching thermal equilibrium, Seaton et al (1983) considered 

the reduction of iron oxide in the iron oxide/carbon system 

might take place under signif icant temperature gradients, and 

the process might be controlled by heat transfer. In order to 

estimate the ef fect of heat transfer on the reduction process, 

they measured temperature changes near the surface and at the 

centre of the pellets by placing thermocouples at these 

locations with furnace temperature set at 1000, 1100 and 

1200°C. The measured results are shown in Figure 2.18. 

Figure 2.18 Measured temperature at surface and 

core of magnetite pellet (Seaton et al, 1983) 

The results indicated that the reduction process occurs under 

non-isothermal conditions. They suggested that although the 



rate of reduction of iron oxide is controlled by the rate of 

the carbon gasification reaction, the limiting step could be 

the rate at which energy is supplied to the interior to 

maintain a significant rate for  the carbon gasification 

reaction. 

Bryk and Lu (1986) observed not only a significant 

temperature difference between the furnace and a t  the  centre 

of mixture packed in the steel crucible, as shown in Figure 

2.19, but also gradients for the degree of metallization along 

the radial direction of the packing during the reduction of 

magnetite concentrate i n  orelcoal composite, as shown in 

Figure 2.20. The results suggested that  the heat t rans fer  i n  

the mixture is relatively slow and could be the rate 

controlling step to the overall reaction. 

TIME. min 

Figure 2.19. Measured temperature at centre of 

crucible of different s i z e  (Bryk & Lu, 1986) 



Figure 2 . 2 0 .  Metallization degree at various distances from 

centre of crucible and temperature (Bryk & Lu, 1986) 



2.5 Summary 

Blast furnace ironmaking technology, by far the most 

important ironmaking process, is based on coke and iron ore 

pellets or sinter to produce liquid iron. However, it faces 

significant environmental challenges as coke ovens and 

sintering plants are considered to be serious polluters and 

extensively regulated. In order to meet regulatory 

requirements, high capital and operational cost are incurred. 

Thus, a worldwide effort to search For a more economical and 

environmentally friendly ironmaking process is under way, 

which includes a coal-based and coke-free ironmaking process. 

Among the other processes under investigation, FASTMET and 

LB furnace processes use iron ore concentrate and pulverized 

c0al as raw materials. They have the potential advantages of 

low energy consumption and without high temperature 

agglomeration of ore, nor the coking step. The successful 

commercialization of these processes will depend on our 

knowledge of kinetics and mechanisms in these ore/coal 

reaction system, which is the subject of the present work. 



CHAPTER THREE: EXPERIMENTAL STUDY 

The reduction of iron ore concentrate by pulverized coal 

in a ore/coal mixture is a very complex process. It involves 

simultaneous heat transf er, mass transf er and heterogeneous 

chemical reactions (gas/solid reactions). For k i n e t i c  and 

mechanism studies, properties of both solid and gaseous phases 

in the reacting system as functions of location and reaction 

t i m e  must be determined. The objective of experimental work 

consists of the design of a reactor and the generation of 

experimental data under various conditions. It includes in- 

situ measurements of temperature and gaseous pressure in the 

system, measurement of the profiles of the chemical 

compositions in the partially reacted ore/coal mixtures, and 

the chemical compositions of exit gas. - 

3.1 Experimental design 

3.1.1 Experirnental set up 

A one-dimensional system was designed for its simplicity 

in both measurements and modelling. It consists of a 

cylindrical stainless steel crucible (0.105 m in height and 

4 9  
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0 .058  m i . d . )  heated from the bottom with an open ended top, 

and a sençor locating frame as shown in ~igures 3.1 and 3.2. 

The outer surface of the crucible wall is wrapped with ceramic 

fibre for thermal insulation. To minimize the wall effect of 

the crucible, the height of packing is set at 0.028 m, less 

than the ins ide  radius of the crucible. During an experiment, 

the crucible, packed with an iron ore/coal mixture, is heated 

from the bottom surface by a vertical tubular furnace that is 

kept at a pre-set temperature. The uniformity of heating in 

the radial direction has been confirmed in the preliminary 

experiments. The top end oi the crucible is open, which allows 

gases generated to exit and keeps heat and gas flow parallel 

in the axial direction. 

Five thermocouple or pressure sensors are embedded along 

the height of the packing from bottom to top at every 0.007 m 

vertical distance as shown in Figure 3.1. The terms "Location 

1, 2 ,  3, 4 and 5" used to display the experimental rësults 

signify the location at the same height where the 

corresponding sensor is embedded. In order to minimize both 

the disturbance From other sensors and the wall, these sensors 

are located separately in a central area 0.009 m in radius, 

where the horizonal distance between the two nearest sensors 

is 0.009 m. A sixth thermocouple was placed at the outer 

surface of the crucible bottom to monitor the furnace 

temperature. 



3-1.2 Monitoring Instruments 

The thermocouples used are Chromel-Alumel (type K) 

thermocouples of 0.001 m O o D . ,  calibrated and su~plied by the 

Thermo-Kinetics Company. The recommended temperature range of 

measurement for this type of thetmocouple iç O to 1250°C with 

an error of - +0,.4%. Thermocouples were connected to a data- 

logging computer (Zenith data system) and temperatures were 

monitored and recorded every 12 seconds. 

For pressure measurement, stainless steel tubing of 

0.0011 m O.D. was used for pressure probes. Each probe was 

connected to a variable reluctance differential pressure 

transducer. Pressure signals from the probe were transduced to 

a DC voltage and recorded by the same data-logger at the  same 

frequency as for temperature measurements. The pressure 

transducers (Validyne DP15) were supplied by Validyne 

Engineering Corporation. Af ter preliminary experimenti , t w o  

pressure ranges of measurement of this transducer (O ta 8800 

and O to 22500 Pa) were selected. The error of measurement 

claimed by the manufacturer is - +0.25% of the full scale. The 

pressure measurement system was calibrated against a water 

manometer before each experiment with a error of 21.01 of the 

full scale reading. 

The exit gas w a s  sampled by a syringe (250~1) at about 3 

to 0.005 above the top of the packing every 5 minutes, and 
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analyzed immediately by a gaç chromatograph (GC)  ( Shimadzu 

GC-PA, supplied by Shimadzu corporation, Japan). The GC was 

controlled by a microcomputer (Chrimatopac CR601) which a l s o  

served as a data processor. The  analytical column used was a 

HayeSep DB ( 3 0 ' ~ 1 / 8 ~ ~ ,  100/120 mesh) supplied by 

Chromatographie Specialties Inc. , and was capable of 

separating H,, N,, CO, CO2, CH4 and q H 4 .  The sensitivity and 

linearity of the detector of the GC was 0.01 vol% and - +0.1%, 
respectively, and these accuracywere confirmed by cal ibrat ion  

against standard gases before an experiment. 

3.1.3 Raw materials 

The raw materials used i n  the present experiments were 

magnetite concentrate and high volatile coal. Tables 3.1 and 

3.2 show the chemical compositions of the iron ore concentrate 

and proximate analysis  of the coal. The concentrate wak from 

Sherman Mines, Ontario, and the chemical analysis was ptovided 

by Dofasco Inc. of Hamilton, ontario, with an accuracy of 

+1.0% of the reported values. The coal was provided by Dof asco - 
Inc. and analyzed by the Energy Research Laboratory of CANMET, 

Ottawa, Ontario, with a accuracy of -+O% of the reported 

values. The s i z e  distribution of the concentrate and 

pulverized coalwere analyzed in  our laboratory and are shown 

in Table 3.3. 



Table 3.2, chernical analysis of the coal  

Table 3.1. Chernical analysis of iron ore concentrate ( w t % )  
+ 

ProXimate analysis 1 anaiysiis of volatile matter 11 

T. Fe 

66.21 

Table 3.3, Particle size distribution of 

Fe2+ 

9.66 

Fixed 
carbon 

57.34 

T h e  iron ore concentrate was dried at approximately l l O ° C  

for 6 hours, and the coal was dried at approximately 9S°C for 

8 hours to remove moisture. 
- 

Al,o, 

0.58 

the raw materials ( % w t )  

3.1.4 Experimental conditions 

S i 4  

5.27 

O 

4.53 

CPrbon 

21.16 

SiZe 
x1000, m 

Ore 

C d  

In most experiments, the dried concentrate and pulverized 

coal were mixed in an ore/coal ratio of 8 0 / 2 0  by weight %, 

which is very close to the theoretical requirement of carbon 

(total carbon in the coal) to remove oxygen in the ore 

according to the following stoichiometric relationship and 

preliminary experimental results: 

Un0 

0.0 1 

S 

1.23 

Volatiie 
matter 

34.53 

Ca0 

0.28 

Ash 

6.90 

H 

8.50 

K20 

O. 18 

Mg0 

0-39 

N 

1.30 

S 

0.01 

0.149- 
0.088 

4.25 

9.97 

+O300 

2.41 

4.05 

0.088- 
0.075 

7.83 

15.16 

0.300- 
0.212 

1.83 

4.95 

0.075- 
0.053 

19.91 

36.26 

0.212- 
0.149 

2.77 

7.55 

0.053- 
0.044 

27.40 

18.28 

-0.044 

33.60 

3.78 



The packing density of the mixture was 1900 kg/m3. Most 

of the experiments were conducted with the furnace temperature 

set at 1200" C. The reaction tirne was 10, 2 0 ,  30, 40, 50 and 

60 minutes. 

In order to investigate the effect of furnace temperature 

on heat transfer and rate of reaction, a series of experiments 

were conducted with the furnace temperature at 1300°C and 

reaction t i m e s  of 30 and 60 minutes, w i t h  the same ore/coal 

ratio and packing density. 

Two sets of experiments were conducted w i t h  ore/coal 

ratio of 82/18 and 85/15 to determine the effect of ore/coal 

ratio on the rate of reactions, with the packing density of 

19 O0 kg/m3 and furnace temperature of 120O0c. 

3.1.5 Experimental procedure - 

"Tirne zerow of an experiment is defined when the steel 

crucible packed with the ore/coal mixture was placed on the 

top of the furnace which was already stabilized at the preset 

temperature. Temperature and pressure data were recorded by 

the data logging computer in 12 second intervals. E x i t  gas was 

sampled by using a syringe (250 pl) and analyzed by gas 

chromatography every 5 minutes during the experiment. After a 

predetermined reaction time ( L e .  10, 2 0 ,  30, 40,  50 and 60 
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minutes),  the crucible was quickly removed from the furnace, 

placed in a spot with argon shrouding from above and quenched 

by rwining water over the bare val1 of the crucible to stop 

the reactions in the mixture. Samples were taken at each 

location at the same height as thermocouples and pressure 

probes by careful removal of the partially reacted mixture, 

layer by layer, from the top. The amounts of total iron, 

metallic iron (Fe0) and ferrous iron (~e*+) were determined by 

titration, and 

d i f  f erence. The 

Carbon Analyzer. 

3.2 Experimental 

ferric iron ( ~ e ~ + )  was by determined the 

carbon content were determined by a Leco 

results 

Experimental results are presented generally as data 

points in  figures. In addition to the experimental work, a 

mathematical mode1 has been developad (presented in subiequent 

chapters) for the present study. Computed curves, which are 

compared with and used to explain these  experimental results 

i n  Chapters 4 and 5 ,  are included in these figures to avoid 

duplication. 



3.2.1 Temperature profile 

Figure 3.3 shows the typical local temperatures as 

functions of reaction tirne including the cooling periods after 

60 minutes of reaction. The furnace temperature was set at 

1200 OC. The reproducibility of the temperature measurements 

is shown in Figures 3.4 and 3.5, which show the results of 

three sets of measurements, and the average values and 

deviations of these measurements, under supposedly the same 

experimental conditions. 

As shown in Figure 3.3, the temperatures at locations 4 

and 5 remained at about 100°C for a period of 2 to 4 minutes 

at the early stage of heating. This may be due to the  

condensation of water vapour originating from the high 

temperature locations (1 and 2) followed by re-vaporization. 

Temperature profiles over the height of the bed at 

different times are shown in Figure 3.6. The tempekature 

gradients are steeper near the hot surface, for shorter 

reaction times. It may be due to the lower effective thermal 

conductivity of the initial ore/coal mixture and the highly 

endothermic nature of carbon gasification by CO2 and H20, 

which are also reactive at higher temperatures. A detailed 

explanation is presented in the Chapter Five. 



3.2.2 Measurement of gaseous pressure 

Figures 3.7 and 3.8 show gaseous pressures measured at 

di f f erent  locations as functions of reaction tirne i n  two 

duplicate experiments. It is understood that variable values 

for pressures are expected in the ore/coal reacting system due 

to the complicated bed structures that are changing during the 

reaction. However, these results show the same pattern and 

magnitude of pressure build-up in the system. 

Pressure peaks were observed during first 20 minutes of 

reaction tirne. The build up of gaseous pressure in the system 

is determined by the local rate of gas generation, 

temperature, and temperature gradient and the resistance of 

the solid bed to gas flow. The pressure peaks are most likely 

the result of a higher rate of gas generation by coal 

devolatilization and lower porosity of packing. The mechanisms 

of pressure built-up are discussed in Chapter 5. 

3.2.3 Compositions of partially reacted mixtures 

Samples of partially reacted mixtures were chemically 

analyzed for carbon, total iron, ~ e ~ + ,  and Fe0. It is common in 

the literature to use the degree of metallization and degree 

of reduction to express the extent of metallization and 
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reduction of iron oxide, and to use the degree of carbon 

gasification to express that of carbon gasification. The 

degree of metallization is defined as the percentage of iron 

in the fona of metallic iron (Fe0) in ternis o f  the total iron 

initially in iron oxide. The degree of reduction is defined as 

the percentage of oxygen removed from the iron oxide in terms 

of the total removable oxygen combined with iron initially in 

iron oxide. The degree of carbon gasification is defined as 

the percentage of carbon gasified in terms of  the total carbon 

initially in the coal. These terms will be used in the 

discussion throughout the following chapters. 

3.2.3.1 begree of iron ore reduction 

The degrees of local metallization and reduction of iron 

oxide as functions of time are shown in Figures 3.9 and 3.10. 

The prof iles with respect to the degree of reduction are show 

in Figure 3.11. 

Figure 3.12 shows fractions of the element iron in ~ e ~ +  

as functions of time and location. The iron ore is magnetite, 

FeO-Fq03. One third of iron in the concentrate initially is in 

the ferrous state. Ferrous iron is the intermediate state when 

ferric iron is being reduced t o  metallic iron. Therefore, it 

shows as an increase in the earlier stage of reduction and 

then as a decrease at a higher degree of metallization. Figure 
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3 . 1 3  shows the computed t e s u l t s  of the element iron i n  ferric 

state (~e)+) from data shown in Figures 3.9 and 3.12. 

3.2.3.2 Degree of carbon gasification 

The degree of carbon gasification as a Êunction of 

reaction time is shown in Figure 3.14. The profiles of the 

degree of carbon gasification are shown in Figure 3.15. 

The profiles of the degree of iron ore reduction and 

carbon gasification (Figures 3.11 and 3.15) show a similar 

dependence on time and location as that in Figure 3.6 for 

temperature profiles. This fact is certainly anticipated 

because these chemical reactions are faster at a higher 

temperature with plenty of heat supplied. 

3.2.3.3 Errors in chemical analysis 

- 
Errors in the measurement of the chemical composition of 

the partially reacted mixtures may be attributed to every step 

in the process, Le. from cooling o f  reacting mixture, 

sampling, sample preparation and chemical analysis. 

Error due to the continuation of the reaction after the 

crucible was taken out of the furnace under a given cooling 

rate should be considered. Locations 1 and 2 (Figure 3.3), 

which were closer to the crucible wall and contained more 
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metallic iron, were quickly cooled from above 1000°C to under 

600 OC within about one minute. Under 600°C, rates of chemical 

reactions are not fast enough to cause significant errors, 

except devolatilization. Locations 3, 4 and 5, materials were 

cooled to under 600 O C  in about 2 to 4 minutes. The upper 

limit of errors introduced due to the failure to rapidly stop 

the chemical reaction may be estimated by extrapolation from 

Figures 3.10 through 3.14 according to the cooling t i m e  at 

different locations. It is estimated that the maximum error 

due to the cooling of the reacting mixtures is less than 4.0% 

of the reported values. 

Samples taken from the cooled partially reacted mixtures 

were analyzed to determine the chemical compositions. Total 

iron, metallic iron and ferrous iron were determined by 

volumetric method (titration), and carbon was determined by a 

Leco Carbon Analyzer (Mode1 577-100) . Both methods were 

calibrated using standard specimens to determined - their 
errors; these  errors were found to be less than fO.S% for the 

report value by tittation, and I1.O 3 by the Carbon Analyzer. 

However, due to inhomogeneity in a small sample, which is a 

mixture of d i f  f erent solid particles, the importance of 

adequate grinding of the sample to minimize variation is 

paramount. The error in sample preparation must be noted. It 

is most serious in carbon analysis. The Leco Carbon Analyzer 

was originally designed to determine the carbon content in 
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steel. In the present  work, carbon content in paxtially 

reacted mixtures ranges from 2 to 15 w t  %, m u c h  higher than 

those in steel. Thus, a s m a l l e r  amount of s a m p l e  ( i -e .  less 

than 0.1 g r a m )  must be used. To reduce this error, samples 

were carefully ground i n  an agate mortar to the s i z e  of under 

100 mesh and well blended before part of the sample could be 

taken for chemical analysis. The errors in s a m p l e  preparation 

and chemical analysis were thus controlled within f2 . 0% of the 

reported values for total iron, metallic iron and ferrous 

iron, and f4.0 % for carbon. 

Combining errors in each step, the total errors in the 

analysis of partially reacted mixtures are presented as error 

bars in Figures 3.9 t o  3.14. 

3.2.4 Exit gas analysis 

Figure 3.16 shows a typical printout of the gas anàlysis 

by a gas chromatograph at the thirty-f if th minute of react ion 

tirne. The chemical species i n  the exit gas during the reaction 

are mainly CO, CO,, H,, O ,  CH, and N2. The changes in the 

composition of e x i t  gas analysis during the reaction are shown 

in Figure 3 . 1 7 .  It should be borne i n  mind that al1 results of 

gas analysis are reported on dry basis, after the removal of 

water vapour and tar in the gas sampling process. 
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CH, was formed mainly from the dev01atilization.of coal 

at lower temperature (c800 OC) , and H, was mainly from 

devolatilization of coal and decarbonization at higher 

temperature. Carbon monoxides may be from both the 

devolatilization of coal and gasif ication of carbon by H20 or 

CO,. The results suggested that most of devolatilization of 

the m a l  was completed within 30 minutes of the reaction 

within this system. 

3.2.5 Effect of furnace temperature 

A series of experiments with the  furnace temperature kept 

at 1300 OC, instead of 1200 O C ,  were carried out. Figures 3.18 

to 3.24 show the measured temperatures, degrees of iron ore 

reduction, three  states of iron in iron oxides, degrees of 

carbon gasification and gas pressures as f unctions of reaction 

tirne and locations in the packing, respectively: For 

convenience in cornparison, the measured degrees of iron ore 

reduction and carbon gasification at a furnace temperature of 

1200°C are also included in Figures 3.19 and 3.20. The higher 

furnace temperature increased the rate of heat transfer, and 

resulted in a faster temperature increase within the bed 

(Figures 3.3 and 3.18). The higher temperatures, in turn, 

increased the rate of iron ore reduction (Figure 3.19) and 

carbon gasif ication (Figure 3.23) . The increased rate of 
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reactions and temperature rise resulted in an increase of gas 

pressure development (Figures 3.7, 3.8 and 3 . 2 4 ) .  

3.2.6 Effect of ore/coal ratio 

In experiments with ore/coal ratios of 82/18 and 85/15, 

three experiments were conducted for each ore/coal ratio with 

a reaction time of 60 minutes, Le. one experiment each for a 

temperature measurement, a pressure measurement and a chemical 

analysis of solid composition. The results of experiments are 

shown in Figures 3.25 to 3.32. 

Figures 3.27 and 3.28 show measured degrees of iron ore 

reduction and carbon gasification when the initial mixture was 

packed at ore/coal ratios of 82/18 and 85/15, respectively, 

with other conditions unchanged. The results w i t h  a ore/coal 

ratio of 8 0 / 2 0  are also included for comparison. With a lower 

ore/coal ratio, a higher degree of reduction is reached et the 

same location and reaction tirne (see Figure 3.27) . This is due 
to more reductant being available for reductions. However, 

lower ore/coal ratio results in a higher residual carbon 

content in the partially reacted mixture (Figure 3.28). 



3.3 Summary of experimental results 

Before mathematical analysis, the following qualitative 

conclusions may be reached. 

(a) A one-dimensional reaction system was designed to 

simplify the experimentation and to facilitate mathematical 

a n a l y s i s .  

(b) Temperature gradients in the reacting bed have been 

observed so that the non-isothermal nature of the system must 

be recognized in mathematical modelling for the study of 

mechanisms. 

(c) Pressure build-up and pressure gradient development 

in the reacting bed have been observed, so that the non- 

isobaric nature of the system must be recognized in 

mathematical modelling for the study of mechanisms. 

(d) The variation of the extent of completion of overall 

reaction over the height of the bed has suggested that the 

s i z e  of the system is one of the important kinetic parameters. 

(e) The importance of heat transfer within the bed has 

been confirmed by the observed temperature gradients, and 

strong dependence on furnace temperature. 

(f) In the binary mixture of iron ore concentrate and 

pulverized coal, more coal leads to faster reaction rate, a 

higher residual carbon and a weaker solid product. With 20% of 

coal addition, there is enough reductant to result in complete 

metallization of the iron ore in the mixture, 
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Figure 3.1 schematic diagram of the experimental apparatus 

Figure 3.2 Top V ~ W  of the sensor locating frame 
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Figure 3 . 3  Measured and computed temperature as a function 
of reaction time (Ore/coa1=80/20, furnace 
temperature = 1200°C) 
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Figure 3.4 Three sets of measured temperatures as a 
f uncf ion of reaction t i m e  (Ore/coa1=8 0 / 2  O,  
f urnace temperature = 1200°C) 
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Figure 3.5 Average values of measured temperatures w i t h  
deviations (Ore/coal=80/20, furnace 
temperature=1200°C) 
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Figure 3.6 Measured and computed temperature profile over 
the height of the packing (Ore/coal=80/ 2 0 ,  
furnace temperature=1200°C) 
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Figure 3 . 7  Measured and computed local pressure as a 
function of reaction time (Ore/coal=80/20, 
furnace temperature = 1200°C) 
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Figure 3.8 Measured local pressure as a function of 
reaction tirne (Ore/coal=80/20, furnace 
temperature = 1200°C, second set) 
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Figure 3.9 Degree of xnetallization as a function of 
reaction time (ore/coal=80/20, f urnace 
temperature=1200°C) 

Reaction t irne (Min.) 

Figure 3.10 Degree of reduction as a function of reaction 
tirne (Ore/coal=80/20, furnace temperature = 
l20O0C) 
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- Figure 3.11 Profile of degree of iron ore teduction over 
the height of the packing (Ore/coa1=80/ 2 0 ,  
furnace temperature = 1200°C) 
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Figure 3 . 1 2  Percentage of iron in ferrous state iron oxide 
as a function of reaction time (Ore/coa1=80/20, 
f urnace temperature=12 OO°C) 
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Figure 3.13 Percentage of iron i n  ferric state iron oxide 
as a function of reaction time (Ore/coal=80/20, 
f urnace temperature=12 OO°C) 

Figure 3.14 Degree of carbon gasification as  a function o f  
reaction time (Ore/coa1=80/20, furnace 
temperature = 1200°C) 
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Figure 3.15 Profile of degree of carbon gasification over 
the height of the packing (Ore/coal=80/20, 
furnace temperature = 1200°C) 
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Figure 3.16 Original record of gas analysis from the gas 
chromatograph 
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F i g u r e  3.17 Measured and computed compositions of the e x i t  
gas (Ore/coal=80/20, furnace temperature = 
12 00°C) 

Reaction time (min.) 

Figure 3.18 Measured and computed local temperature as a 
function of reaction tirne (Ore/coa1=80/20, 
f urnace temperature = 13 00°C) 



Figure 3.19 Effect of turnace temperature on degree of iron 
ore reduction (Ore/coal=80/20) 

Distance from hot face (mm) 

Figure 3.20 Effect of furnace temperature on degree of 
carbon gasification (Ore/coa1=80/20) 
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Figure 3.21 Measured and computed profiles of degree of 
metallization over the height of the packing, 
(Ore/coal=80/20, furnace temperature=1300°C) 

Distance from hot face (mm) 

Figure 3.22 Measured and computed profile of iron in 
ferrous state over the height of the packing 
(Ore/coa1=80/20, furnace temperature=1300°C) 
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Figure 3.23 Measured and computed profiles of iron in 
ferric stat iron oxide over the height of the 
packing, (Ore/coal=80/20, furnace temperature 
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Figure 3.24 Computed and measured local pressure as 
function of reaction tirne (Ore/coal=80/20, 
furnace temperature=1300°C) 
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Figure 3.25 Computed and measured local temperature as a 
function of reactfon time (Ore/coal=82/18, 
furnace temperature = 1200°C) 

Reaction time (Min.) 

Figure 3.26 Computed and measured local temperatures as a 
function of reaction tirne (Ore/coal=85/15, 
f urnace temperature=1200°C) 
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Figure 3.27 Measured profiles of degree of iron ore 
reduction- over the height of the packing ( 3  
ore/coal ratios, furnace temperature=1200°, 
reaction time=60 Win) 

Distance fiom hot tace (mm) 

Figure 3.28 Measured profiles of degree of carbon 
gasification over the height of the packing 
(3 ore/coal ratios, furnace 
temperature=1200°, reaction time=60 Min) 
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Measured and computed values of three states 
of iron over the height of the packing at 60-  
th minute of reaction, (Ore/coal=82/18) 
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Figure 3.30 Measured and computed values of three states 
of iron over the height of the packing at 60- 
th minute of reaction, (Ore/coal=85/15) 
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Figure 3.31 Measured and computed local pressure as a 
f unction of reaction time (Ore/coal=82 / 18, 
f urnace temperature=l2 OO°C) 

Reaction time (Min.) 

Figure 3.32 Measured and computed local pressure as a 
function of reaction time (Ore/coal=85/15, 
furnace temperature=1200°C) 



CHAPTER FOUR 

MATHEMATICAL MODELLING 

The comprehensive experimental investigation, described 

in Chapter Four, leads to the following summary: 

1) Steepet temperature gradients exist at the locations 

where endothermic reaction (carbon gasification) is more 

intensive. 

2) Gaseous pressures and pressure gradients develop a t  

locations where coal gasification and iron ore reduction are 

intensive. 

In order t o  explain quantitatively the above 

observations, a non-isothermal and non-isobaric mathematical 

mode1 for reactions in this system has been developed. 
- 

4.1 The strategy 

Physical and chemical processes in this system (eg. heat 

transfer, gaseous f low and rates of chemical reactions) are 

al1 temperature dependent through physical properties and 

kinetic parameters, L e .  conductivities, viscosities and 

reaction rate constants, etc. It is clear that al1 kinetic 
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expressions must be functions of temperature. The variation of 

local temperature is determined by al1  act ivi t ies  involving 

heat, such as heat of chemical reactions within a locality and 

the net heat flux due to conduction, convection and radiation. 

Therefore, the equation of energy balance, which is necessary 

for temperature determination, must include terms for al1 

chemical reactions and convection due to gas flow through 

porous medium in addition to conduction and radiation. The 

equation for gas flow through a porous medium should consist 

of terms of the local pressure gradient, local void fraction, 

temperature and rates of chemical reactions. It should be 

pointed out that the modal must consist of a number of 

simultaneous squations to determine the set of unknown 

variables as functions of reaction tirne, distance from the hot 

face, and initial and boundary conditions. 

4.2 The configuration and ptoperties of the system - 

The system geometry is cylindrical and one-dimensional in 

the axial direction, as in the experimental set-up. The axis 

of the cylinder is the X-axis in the modelling. A control 

volume, with a unit cross-section area, is shown in Figure 

4 .1 .  



4 . 3  Heat Transfer within A Porous Medium 

In a porous medium or a packed bed, heat transfer is 

act ive  not only within each phase (solid and gaseous phases),  

but a l s o  between phases. In the present ore/coal mixture, 

there exits  a very large area of solid surface (about 95,000 

m2/m3 of bed),  which gives an extensive gas-solid contact i n  

the packed bed. Subsequently, the rate of heat transfer 

between solid and gas phases is relatively high; therefore, 

the gas temperature is assumed t o  be equal t o  that of s o l i d  i n  

the same location.  

The equations for heat transfer in a porous medium, in 

principle, should include conduct ive, radiant and convective 

terms. The r e l a t i v e  importance of these mechanisms varies ,  

which depends on solid properties, pore structure, temperature 

range and gas flow. The common approach in treating radiant 

heat transfer in a porous medium is to include ie in a 

conductive heat transfer formulation by using an effective 

heat conductivity (Geiger and Poirier, 1973; Gabor and 

Botterill, 1985). Thus the equation for heat transfer is in 

the  form of heat conduction and convection, with heat of 

chemical reactions as the  source and sink terms. 

Heat balance in this control volume of one-dimensional 

system may be expressed a s  



[ ra teof  ] + (  r a t e o f  )- [  rateof ) [ rateof ) [ race of ) [ rate of ) 
heatinby h e a t i n b y  h e a t e u t b y + h c ~ t o u r b y s h e a t c o ~ 9 m e d  + changeof ( 4 - 1 )  
conduction convection conduction convection &y reac t ions  en thalpy 

i . e .  

where : 

(1) the heat f luxes by conduction are 

where X, is the effective thermal conductivity , including 
radiation, of the local mixture. 

(2 ) heat f luxes by convection are 

- 
~ C O ~ V ,  x+uc - (P P 'a ' ~ 9  4)x+u (4 .6 )  

where 4 and Ch are the average density and specific heat of 

local gas, respectively, va is the average velocity of gas 

flow in the interstices of the bed, and is the local void 

fraction of packed bed . 
It is often more convenient to use superficial velocity, 

instead of average velocity, in the formulation of f lu id  flow 

in a porous medium. The superficial gas velocity, Va, is 

defined as the velocity when the gas flows through the empty 



control volume; i , e. 

Substituting Equation (4.7 ) in to  Equation (4.5) and (4.6) 

y ie lds  

( 3 )  the rate of heat consumption and generation by chemical 

reactions is 

where h, and AHi are the rate and heat of reaction of chemical 

reaction i; and i is the index for reactions to be presented 

(4 )  the change of enthalpy due t o  temperature var ia t i on  

where p, and C, are the average density and specific heat of 

local mixtures, respectively. 

By substituting Equations (4 4, (4.4) , and (4.8) - 
(4.11) into Equation (4.2) , and dividing Equation (4.2) by the 
Ax, i n  the limit as Ax approaches to zero, the following 



differential equation us obtained. 

The effective thermal conductivity of the mixture should 

include heat conduction through the solid and gaseous phase in 

pores and radiation across interna1 pores within each particle 

and interstices between particles. The relative importance of 

each mechanism depends on temperature, solid properties and 

pore structure of the mixture. A numerical evaluation of these 

two mechanisms shows that under the present experimental 

conditions, conduction is the dominant heat transfer 

mechanism, and radiation heat transfer may be neglected 

without introducing significant error in computation. Details 

of the evaluation of the effective thermal conductivity and 

the effective thermal capacity of the mixture are given in 

Appendix 1. The change of density of the ore/coal mixture may 

be calculated from its initial value and the rate of cheraical 

reactions. 

To solve the equation for heat transfer (4.12) , other 
equations are to be established simultaneously, which are 

given below. 
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4.4 Rate Equations for Heterogeneous Chemical Reactions 

The important chemical reactions in a mixture of 

magnetite concentrate and coal are: 

(a) Iron ore reduction: 

Fe,O, + CO(H,) - 3FeO+ CO, (H20) when T r 5 7 0 ° C  ( 4 . 1 4 )  

(b) Coal devolatilization: 

Coal - C4 vo la t i l e  matter 

( C )  Carbon gasif ication: 

C+ CO, (40) - CO+ CO(H~) (4.17) 

Considering al1 possibilities in this system, chemical 

reactions could include solid-solid reactions (ore reduction 
- 

directly by char) and gaseous reactions (the water gas 

reaction and secondary reactions of volatile) as well as the 

gas-solid reactions listed above. L i m i t e d  by the requirement 

of continuing contact between solid reactants in order to 

complete the reaction, the mechanism of solid-solid reactions 

are relatively insignificant except at the initial stage. In 

general, the kinetics of heterogeneous reactions of ironmaking 

systems are dominated by gas solid reactions as written above. 

The gaseous reactions are usually intermediate steps in the 
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overall reactions under investigation. Thus, only these 

reactions listed in ( 4 . 1 3 )  - (4 .17)  are considered to be 

necessary and sufficient in the present modelling. It is also 

understood that the rate for the individual reaction listed 

above is expressed as the rate of disappearance of the solid 

reactant in the reactions. 

For gas-solid reaction of individual particles of iron 

ore or char, the shrinking core model for reversible reaction 

is used. The rate of the topochernical reaction is both 

proportional ta gas-solid interfacial area, and a first order 

reaction with respect to the concentration of gaseous 

reactants. This model implies that the number of particles of 

ore and their shape and size do not change during the course 

of reduction. As the rider of particles and average surface 

area of individual particles per unit volume of the porous 

medium can be estimated by characterization of raw materials, 

the units for rate equations can be expressed in moles per 

unit volume of porous medium per unit tirne. Since the reacting 

mixture is made of very fine particles, the movement of 

gaseous molecules through porous product layers of the 

particles are over a very short distance. It would be 

reasonable to assume that mass transfer through the product 

layers will not contribute significant resistance to the rate 

of the overall reactions, in cornparison to that of the 

interfacial reactions. With these assumptions, the rate 
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equations for these reactions may be derived in following 

sections. 

4.4.1 Iron oxide reductions 

The iron oxide reduction takes place simultaneously by 

both CO and H2 as both reductants are present in the system. 

The gas-solid reactions of iron oxide reduction by CO and H, 

are independent; therefore; the observed rate of reduction is 

the sum of these two gaseous reductants as shown below: 

where &, 4- and are the total rate of reduction, and the 

rate of reduction by CO and by H2, respectively, for reactions 

(4.13), (4.14) and (4.15). 

According to the un-reacted core model, the rate & iron 

oxides reduction by CO ( L e .  reactions (4.13), (4.14) and 

(4.15)), may be expressed as follows: 



where 

The rate equation for the reduction of the iron oxides by 

H, may be expressed as: 

where 

-AE&~ 
k? - k:: EXP ( 

RT 1 

and S, is the shape factor of the particle of solid reactant 

in reaction i; ni is the number of the particles in reaction 

i per unit volume of mixture; Ei is the average radius of the 

un-reacted core in iron ore particles; k" and kim are rate 

constants for reaction i with CO and H, as reductant; kam and - 
k p  are pre-exponential constants for above rate constant; 

Cm, C,, C, and C, are concentrations of CO, H,, CO, and H20; 

AE,' and A E ~ '  are 'activation energies' for reaction i by CO 

and H,; and K~~ and K~~ equilibrium constant for reaction i, 

respectively. 

The values of pre-exponential constants and 'activation 

energies' in the above rate equations are obtained by fitting 

computational results with experimental data through the use 

of present model. These results are compared with that 
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reported in the literature. 

As the size of iron ore particle is assumed to be 

constant, Fi may be calculated from the  extent of completion 

as shown below: 

where PP is initial average radius of iron ore particles, and 

pi is the fraction of completion of the i-th reaction. 

4 . 4 . 2  Coal devolatilization 

During devolatilization, t h e  coal undergoes thermal 

decomposition to form solid (char) , liquids (oils) and gaseous 
products. As the amount of l iquid  is relatively small (about 

2 w t %  of coal) , liquid products are usually neglected in the 
modelling. The gaseous products of coal decomposition are 

mainly CO, CO2, HZ, H20, hydrocarbons and tar. In the present 

experimental observations, CH, is the dominant species of the 

hydrocarbons (see Chapter 4); therefore, hydrocarbons higher 

than methane are considered as 'methane equivalent8. It is 

also understood that tar is a mixture of many compounds which 

is a gaseous product at decomposition temperature and becomes 

a liquid or solid at raom temperature (Gavala, 1982). For 

simplicity in the modelling, it is assumed that tar does not 

undergoes mcondary decomposition and reacts with iron ore 



92 

before it leaves the system, and that an average molecular 

weight and properties of tar may be used in modelling. 

According to Unger and Suuberg (Unger and Suuberg, 1984), the 

molecular weight distribution of tar is in the range from 250 

to 750 in the temperature range from 600 to 1300K. An average 

molecular weight of 400 is used in the present work. 

Modelling the kinetics of coal devolatilization includes 

rate of coal decomposit ion and the distribution of gaseous 

products. According to Solomon and Colket (1979), the coal is 

assumed to be a compound made up of fixed carbon and volatile 

components: CO2, tightly bound CO, &O, loosely bound CO, 

hydrocarbons, H, and tar. They also proposed that during the 

devolatilization, individual gas evolves from coal 

independently and simultaneously. The rate of evolution of 

individual volatile component may be assumed to be 

proportionalto its weight fraction remaining in the char and 

expressed as follows (Solomon and Colket, 1979); - 

where is the rate of evolution of volatile component i; 

and W, is the remaining portion of volatile component i. 

Solomon and Colket (Solomon and Colket, 1979) extracted 

the 'activation energyt for rate constants in the above 

equation from their experimental results based on 13 coals 

ranging in rank from a 'high volatile bituminous coal to 



lignite, T h e s e  values are listed in Table 4.1 and used in the 

present work. 

Table 4.1. Values of 'activation energyf for rate of evolution 
of concerned volatile components (Solomon and Colket, 1979) 

Component Weight A E. 
fraction (J/mol) 

Il Loosely bound CO 1 0.037 1 86,190 

11 Tar 1 0.12 1 66,944 

Tightly bound CO 

Hydrocarbons (CH,) 

H2 

4.4.3 Char gasification 

Fixed carbon in char is oxidized simultaneously by CO, 

! 

0,046 

0.034 

0.04 

and H,O in the system. The gas-solid reaction oi char 

100,416 

81,170 

106,274 

oxidation by CO2 and H20 are considered to be independent; 

theref ore, the total rate of char gasification is the sum of 

that by these two gaseous species as follows: 
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where R, SCOZ and are the total rate of gasification of 

char, and the rates of gasification by CO2 and by H20, 

respectively. The rate of char gasification by CO, and by H,O 

may be represented according to the un-reacted core model as 

f ollows : 

and 

The rate constants in Equations (4.26) and (4.27) are defined 

in a similar way as that in Equations (4-.20) and (4.22). The 

values of these pre-exponential constants  and 'activation 

energies8 in these rate constants are extracted by fitting 

computational results through the use of the present model 

with experimental data, and comparing with that reported in 

the ref erences. 

The change in the size of coal particles happens due to 

the swelling and contraction behaviour of coal. The coal used 

in present work was a high volatility coking coal. It would 

undergo softening, swelling and contraction during the heating 

process. Although only one type of  c o a l  was used in the 

present  study, the heating rate and temperature of the coal at 

different locations in the ore/coalmixture during experiments 
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were very different. Detail modelling of the swelling and 

contraction behaviour of the coal during the reaction is not 

a part of the present work. An empirical approach should be 

proposed to deal with particle size change due to the swelling 

and contraction. 

The packed bed of the present study may be divided into 

three regions along the heating direction. For the high 

swelling and contraction region near the hot face, an 

empirical equation (Equation 4.28) is proposed. For the low 

swelling and contraction region near the top of the bed, the 

change in the size of coal particles due to swelling and 

contraction may be neglected. For the portion of the bed 

between the two mentioned regions, the size of coal particles 

changes linearly between the two ragions. The justification 

for proposing the empirical Equation (4.28) is given below. 

According to experimental observations (Loison et al, 

1963), coking coal usually swells at temperatures of 350 to 

400 OC, begins to contract at around 650 O C  and stops at about 

1000 OC. The general pattern of coal particle size versus 

temperature under the investigated heating rate is 

approximated by a normal distribution curve peaked at 650°C, 

as expressed by the following equation 



96 

where y is a constant, and extracted in present model to be 

0.18 by data f itting. 

4 .5  Mass balance for individual gaseous species 

In the present work, direct measurement of local gas 

composition was attempted but failed. However, in addition to 

chemical reactions , concentrations of gases as f unctions of 
location and time may change due to changes in temperature, 

pressure and mass transfer through pores. 

Gaseous species, which are products of Reaction ( 4 . 1 3 )  

through (4.17) are mainly CO, CO,, H,, H20, CH,, and tar, are 

included in this model. 

The change in mass of the j-th (j = CO, CO2, H,, H20, CH, 

and tar) gaseous species in the control volume results from 

(a) flow of the species into the control volume due to bulk 

motion, (b) diffusive flux of the species due - to a 

concentration gradient and, (c) generation/consumption of the 

species by gas-solid reactions (i. e. by chemical reactions 

(4.13) to (4.17). It may be expressed as 



97 

where pj and D are density and effective diffusivity of 

species j in the gaseous phase, respectively; r is tortuosity 

factor; È1, is the net rate consumption/generation of gaseous 

species j by chemical reaction i; and t$ is local void fraction 

of the reacting bed. 

The effective diffusivity of a species j in a gaseous 

mixture, Da, can be estimated from a knowledge of al1 of the 

relevant binary diffusion coefficients Di by following 

equation (Rosner, 1986) 

Where binary diffusion coefficients D, can be calculated by 

following equation (Sherwood, Pigford and Wilke, 1975) 

where n collision integral for i-j  mixture; and oi is 

collision diameter. 

4.6 ~ontinuity and momentum equations and the equation of 

state in the gaseous phase 

In the present system, gases are not only the necessary 

intermediate reactants to sustain the overall chemical 
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reactions, but also contribute to convective heat and mass 

transfer. In this section, continuity and momentum equations, 

as well as equation of state, are established to calculate 

gaseous pressure, flow velocity and composition. 

4.6.1 Continuity equation 

By summing six mass balance equations (Equation 4.29) , 
the continuity equation may be obtained as follows: 

where N~ may be positive or negative, which can be calculated 

from rate of chemical reactions; ï!$ is molecular weight of 

gaseous species j; and p, is the density of gaseous phase. 

As s i z e  and shape of ore particles in the mixture are 

assumed to be constant during the reaction, change in void 

fraction of the mixture (@) is a result of the disappearance 

of char by oxidation. Therefore, local void fraction of the 

mixture was updated by adding the volume of gasified char to 

its initial void fraction. 

4.6.2 Momentum equation 

The rate of momentum change of a fluid flowing through 

the void space of a solid packing is the resultant of al1 



external forces acting on the f luid,  i. e. pressure, gravity 

and frictional forces. In the present study, gases which are 

generated within the system f l o w  through a solid packing of 

0.028 m high. By comparison, the contribution of gravity may 

be neglected without introducing significant error in 

modelling. 

Momentum in the x-direction in the contra1 volume may be 

balanced as 

r a t e  of p r e s s e  o c  ( rate of ] ("".Y rate of 
[ m a e n t u m i n ] + (  acting on momentunout + a c t f n g a  
by convection surface x by convection surface x+ Ax 

( 4 .33 )  

that is, 

where : 

(1) The momentum flux by convection is 

(2) The pressure forces acting on the cross-sectional area is 

, (Pa), ( 4 . 3 6 )  

( 3 )  The frictional force acting on the gaseous phase by the 

packing is 
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where f, is frictional force acting on the gas in the control 

volume, and is determined by the solid and fluid properties. 

These properties are (a) rate of fluid flow; (b) viscosity and 

density of the f lu id;  and (c) detailed structure of the 

passage for gases. Ergun has successfully correlated the 

frictional force w i t h  the solid and fluid properties and 

established the Ergun Equation (Ergun and Orning, 1949; Ergun, 

1952) : 

O f ~ - a ~ v ~ + h &  ( 4 - 3 8 )  

where o and are functions of properties of the packing, 

and 

where S, and 4 are a shape factor and a surface area mean 
diameter of particles, respectively; and is gas viscosity. 

( 4 )  The rate of momentum accumulation is 
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A substitution if ~quations (4.35) - (4.41) into Equation 
(4.34) results with 

Accotding to numerical estimation (refer t o  details in 

appendix II), extreme values of the second and the fourth 

tems on the right hand side of Equation (4.41) are about 48.8 

and 2.79~10' (kg/m2/s2) , respectively. They are at least two 

orders of magnitude smaller than the first and the third 

terms, which are about lx10\nd 7.9x106 (kg/m2/s2) , 

respectively. Thus the second and fourth terms of the equation 

may be neglected in the computation in the present work 

without introducing signif icant errors. Equation (4.41) may be 

simplified to become 

- 
The viscosity of the gaseous mixture in the above 

equation can be estimated by the following equation (Rosner, 
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w h e r e  4 and yj are viscosity and mole fraction of species j, 

respectively . Value of pj are available f rom the litsrature 

(Kaminski, 1993 ; Touloukian, 1970) . 

4.6.3 Equation of state 

Gas density varies with temperature and pressure. For the 

ranges of temperature and pressure values observed in the 

present system, the gases may be considered as incompressible 

and obey ideal gas law: 

In principle, three properties of the gas phase (Le. 

density, pressure and flow velocity) can be determined by 

simultaneously solving three equations: continuity and 

momentum equations, and the equation of state. However, after - 
recognizing that temperature is another unknown, these 

equations must be solved simultaneously with the heat transfer 

Equation (4.12). 



4.7 Summary of the mathematical model 

A non-isothermal and non-isobaric mathematical model for 

reactions in iron ore/coal composites has been developed as 

shown above. It includes: an equation of thermal energy 

balance (Equation 4 2 ) , kinetic expressions for 

heterogeneous reactions (Equations ( 4 . 1 9 ) ,  ( 4 . 2 1 ) ,  (4.24), 

(4.26) and (4.27) ) , s i x  equations of mass balance for gaseous 

species (Equation ( 4 . 2 9 ) ) ,  a continuity equation (Equation 

(4.32) ) , momentum equations (Equation (4.43) ) for gaseous 

phase, and an equation of state of an ideal gas (Equation 

(4.45)). T h e r e  are 19 independent equations to be solved 

simultaneously by numerical methods to give local values of 

temperature, pressure, velocity and density of gas flow, nine 

rates of reactions, and six concentrations of gases as 

function of x and t. Composition of solids are determined by 

the values of rates of reaction up to that tirne in a- given 

location through mass balance of carbon, the three states of 

iron and the remaining volatile in the char. 

In carrying out simultaneous numerical solutions, values 

of parameters, such as heat capacities, effective thermal 

conductivity, porosity, viscosity and diffusivity of gases, 

etc., are provided initially according to experimental 

condition and updated based on known relations after each 

iteration. The computational results of these parameters are 



discussed later in this chapter. 

4.8 Initial and boundary conditions 

To solve these equations in the mathematical model, 

initial and boundary conditions must be specified according to 

experimental conditions (referto Chapter Three for details of 

experimental conditions) for each of these partial 

differential equations. 

4 . 8 . 1  Initial conditions 

In most of êxperiments conducted, the ore and coal ratio 

was 8 0 / 2 0  by weight, and packed in a stainless steel crucible 

with an initial packing density of 1900 kg/m3. Initial 

conditions for the present model are speciiied according to 

this initial experimental condition unless a different 

condition is specified. 

Table 4.2. Initial properties of solid materials 
and the packed bed 

iron ore prirticles I ~ o a l  mrtic~es 

Number Average shape Number Average 
density diameter (m) factor -Y diameter factor 

Shripe 

(m-? (m-9 (4 
1 -02E 10 3.9E5 1-75 1.61E9 6.9ES 1.37 

Void 
fraction 
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The initial number density, average size and shape factor 

of the ore and the coal particles, and initial void fraction 

of the packeà bed are listed i n  Table 4.2. 

When ore and coal were mixed and packed in t h e  crucible 

in air at ambient temperature, the initial condition may be 

expressed as 

When t=O, 01~10.028 (m) 

T=298.16 K 

V,=O m / s e c .  

P=I. 0 1 3 3 x 1 0 ~  Pa 

pj=O k g / d  (j=CO, CO2, Hz, H20,  C& and tar)  

4.8.2 Boundary conditions 

The present one-dimensional reaction system has two 

boundaries; the bottom and the top face of the packed bed. The 

bottom face sits on the flat bottom of the crucible; k a t  is 

transferred from the crucible to packed bed. The bottom of 

crucible is the hot face. The top face, through which the 

gaseous species leave the  packing, is a free face. 

a. Boundary conditions at the hot face 

One thermocouple was embedded at bottom face to monitor 

local temperature during experimentation. The measured 

temperature vas used in the present mode1 as the temperature 



boundary condition at this boundary of the  system. The  bottom 

wall is impermeable to mass flux. These boundary conditions 

may be expressed as: 

men x=O, t > O  

T=T, K, which is directly measured on a 

continuous basis as discussed above; 

V,=O m/s; and, 

apj/ax=o kg/m3/m 

b. Boundary conditions at the top face 

A steel screen was placed at top face of the packing to 

prevent solide from moving up but allows gas to leave the 

packing (see Figure 3.1). As the crucible which contained the 
1 

packing was opened to the atmosphere, the pressure at the top 

face of the packed bed is atmospheric; therefore, 

at %=O. 028 (m) , t>O 

~=1.0133~10~ Pa; and, - 

In addition to sensible heat carried away by gas flow, 

radiation heat lost from the top face to the surroundings may 

become significant. Heat may be transferred by radiation 

between the top face and crucible wall and space outside the 

crucible. As the steel crucible wall was insulated from 

outside, the temperature difference between the top face and 
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crucible w a l l  was sma11, and the radiation heat transfer 

between these two surfaces is neg lec ted .  The opening of the 

crucible may be treated as a black surface 

absorbs the heat radiated from the top face. 

heat flux at this surface may be expressed as 

at x=O.O28 (m) , t>O 

- -F, t   ma(^'- ~ L i e n t )  

which totally 

The radiation 

where F, is a view factor for the top face of packed bed and 

the opening of the crucible. It was calculated according to 

this configuration to be 0.25 (Geiger, 1973,pp.378). E ,  is 

emissivity of mixture, and may be assumed to be 0 .85  according 

to the above quote reference; while o is the Stefan-Boltzmann 

constant (=5.6651%10-' J/S .m2. k4) . 

4.9 Numerical method 

- 
The equations in present mode1 have to be  solved 

simultaneously by numerical methods to obtain local values of 

the various dependent variables as function of x and te The 

explicit finite difference method was used to solve these 

equations, Le. these differentialequations were changed into 

a f i n i t e  difference form, which were solved numerically on a 

486 IBM compatible computer. 

In the numerical solution of velocity fields of gas flow, 

the %taggeredw grid (Patankar, 1980) for the velocity 
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components was employed, i . e . the velocity field ' s 
computational grid points were staggered relative to the main 

grid point, (where the values of al1 the variables except the 

velocity are stored). With this method, the velocity component 

is computed at the mid-point of the faces of the main grid 

control volume, thus facilitating the calculation of the 

convection terms on these surfaces. 

The procedure of numerical computation is shown in Figure 

4.2. The computation stopped at the sixtieth minute which is 

the longest reaction time for the experiments conducted. 

4.10 Values of kinetic parameters 

There are three types of parameters included in this 

niathematical nodel, namely; (a) physical and chemical 

properties of the system related to the apparatus and raw 

materials which were determined in the laboratory and listed 

in Table 4.2; (b) physical kinetic parameters, such as 

effectivef thermal conductivity, *effectiveg diffusivity, 

viscosity, etc, whichwere computed from accepted correlations 

in the litetature; and (c) chemical parameters which may be 

divided into two groups: (i) equilibrium constants which were 

calculated from themochemical data in the literature, and 

(ii) the rate constants which were obtained by curve fitting 

of data obtained with the furnace temperature at 1200°C. The 
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evaluation of rate constants are discussed in detail in 

Chapter 5 .  

4.10.1 Physical properties of the partially reacted solid 

mixture 

4.10.1.1 specific heat of the partially reacted mixture 

Figure 4.3 shows the calculated values of specific heat 

of the partially reacted mixture as a function of reaction 

time, which are calculated based on the specific heat and 

relative anount of each component in the partially reacted 

mixture at local temperature' (see Appendix 1 for details) . The 
specific heat of reacting mixture at a given location 

increases with reaction time first, then decreases after 

reaching a peak value. The increase is due to the fact that 

the specific heat of iron, iron oxides and coal increase with 

temperature. The decrease is due to the conversion of 

magnetite (FqO,)  to metallic iron (the latter has a lower 

value of specific heat) and the disappearance of the coal. 



4.10.1.2 Specific heat of gaseous mixture 

Figure 4.4 shows calculated values of specific heat of 

gas at dif ferent locations within the bed as functions of 

reaction time. They were calculated based on the specif ic heat 

of each gas species and gas composition at local temperature 

(see Appendix 1 for details). The appearance of a maximum 

value is mainly due to a maximum hydrogen content in the 

gaseous phase (such as in reaction tirne about 5 minutes at 

location 1, Figure 5.17) . The specif ic heat of hydrogen is 
about one order of magnitude higher than that of the other 

gaseous species in the reacting system (for examples, refer to 

Table 4.3) . 

4.10.2 Physical kinetic parameters of the reacting mixture 

Table 4.3. Specific heat of gaseous species at 700°C 

4.10.2.1 Effective thermal conductivity of solid and gaseous 

mixtures 

Species 

Cp, J/kgmK 

The computed values of effective thermal conductivity of 

solid mixture, &, as functions of reaction time are shown in 
Figure 4.5. They are calculated based on properties and 

H2 

15,522 

Hz0 

2,523 

CO 

1,196 

Go 
1,134 

CH4 

4,012 

Tar 

879 
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relative amount of each component in the partially reacted 

mixture at the local temperature (refer to Appendix 1 for 

details). The calculated value of effective thermal 

conductivity is proportional to the content of metallic iron 

because metallic iron has a much higher value of thermal 

conductivity than al1 the other materials in the mixture. 

4.10 .2 .2  Viscosity of gaseous mixture 

Figure 4.6 shows the calculated viscosity of the gaseous 

mixture at different locations as a function of reaction tirne. 

The high viscosity at about the third minute of reaction 

results front high tar content in the gas, as viscosity'of tar 

is about one order of magnitude higher than that of the other 

species. The increase of viscosity after about the fifth 

minute is mainly due to the increase of the gas temperature. 

4.10.2.3 Diffusivity of gaseous mixture 

Figure 4.7 shows the diffusivity of individual species in 

the gaseous mixture. Diffusivity of a species is calculated 

from binary diffusivity, gas composition and local temperature 

(refer to Equation (4.30) ) . Diffusivity of hydrogen is much 
higher than that of the other gas species. 
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4.10.3 Standard free energy changes and heat of chemical 

reactions 

The standard free energy changes of iron oxide reduction 

and carbon gasification as functions of temperature, used in 

the present study, are taken from Elliott et al (1960) and 

Bogdandy and Engell (1971), and are listed in Table 4.4. 

Table 4.4. Values of heat and standard f k  energy change of reactions 

The heat of a chemical reaction at a higher temperatures 

may be calculated from the reported heat of the chemical 

reaction at reference temperature of 298.16 K. The values of 

heat of iron oxide reduction and carbon gasif ication a t  298.16 - 
K are taken from Bogdandy and Engell (1971) and Ross (1980), 

and are listed in reactions (2.2) to (2.4) for the reduction 

of iron oxides by CO, reactions (2.9) to (2.11) for the 

reduction of iron oxides by Ha, and reactions (2.12) and 

(2.13) for the carbon gasification by H20 and CO2, which are 

also  summarized in Table 4.4. 



Figure 4.1 Illustration of a control volume 

H a t  conrumption 

I Rowîts output ai pn-dotannineâ tkno I 

Figure 4.2  Computation procedure of the  mode1 



Figure 4 . 3  

Reaction time (Min.) 

Computed specific heat of partial reacted 
mixture as a function of reaction tirne, 
(Ore/coal=80/20, furnace temperature=1200°C) 

Figure 4 . 4  

Time (Min.) 

Computed specific heat of gas as a function 
of reaction t i m e  (Ore/coal=80/2 0 ,  furnace 
temperature=12 OO°C) 



Figure 4 . 5  

Figure 4 . 6  

Reaction time (Min.) 

Computed effective thermal conductivity of 
partially reacted mixture as a function of 
t i m e ,  (Ore/coal=80/20, furnace temperature 
=l20O0C) 

Reaction time (Min.) 

Computed gaseous viscosity as a function 
reaction time (Ore/coa1=80/20, furnace 
temperature =1200°C) 



Figure 4 . 7  

Reaction time (Min.) 

Computed diffusivities as a function of 
reaction time at location 1 (Ore/coal=80/20, 
furnace temperature = 1200°C) 



CHAPTER FIVE: COMPARISON BETWEEN 

COMPUTATIONAL RESULTS AND 

EXPERIMENTAL DATA AND MODEL VALIDATION 

The equations in the mathematical model developed in 

Chapter Four were solved by a numerical method to obtain local 

values of the various dependent variables as functions of 

tirne. There are four sets of independent experimental data 

generated with dif f erent experimental conditions, i . e. 
different furnace temperatures and initial ore/coal ratios 

(refer to Section 3.1.4). The set of data with the furnace 

temperature of 1200 OC and the initial ore/coal ratio of 8 0 / 2 0  

was used to evaluate the values of rate constants of 

individual chemical reactions. The remaining three sets of 

data (Le. with a furnace temperatures of 1300 OC and an 

ore/coal ratio of 8 0 / 2 0 ,  and with a furnace temperature of 

1300 OC and the ore/coal ratios of 82/18 and 85/15) were used 

to validate the model. 
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5.1 The evaluation of rate constants of iron oxide reduction 

and char gasification 

Figures 5.1 to 5.7 and Table 5.1 show the value of rate 

constants for reduction of magnetite and wusti te  by CO and Hz, 

and for gasification of char by CO2 and H20, respectively. The 

reported values from literatures are also included in the 

figures. These rate  constants were determined by fitting 

experimental data with mode1 by trial and error at a furnace 

face temperature of 1200°C and initial ore/coal ratio of 

8 0 / 2 0 .  

Table 5.1. Values of parameters used for calculation 
of rate constants of reactions 

The values of ra te  constants for iron oxide reduction 

obtained in the present work fa11 within the ranges of the 

reported literature values which used different experimental 

techniques to deteminate the interfacial area for the 

chernical reactions (i-e. by a topochemical calculation of a 

part ia l ly  reacted pellet or by B. E. T. method, ref er to Figures 

5.1 to 5 . 5 )  . As discussed in Chapter Two (Sec t ion  2.3) , a 
topochemical calculation under-estimates the interfacial area 
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for a gas-solid system, and thus over-estimates the values of 

the rate constant. On the other hand, the B.E.T.  method over- 

estimates the interfacial area for a chemical reaction, and 

thus under-estimates the values of the rate constant. It is 

reasonable to expect the values of rate constants obtained in 

the present work to fa11 in between the reported values from 

literature. 

In the absence of data in the literature for the 

reduction of magnetite to metallic iron by CO, the values of 

the rate constants evaluated in the present work is included 

in the Figures 5 . 5 .  

The values of rate constant of char gasification 

evaluated in the present study is close to that reported in 

the literature with the interfac ia l  area determined by the 

topochernical calculation of a char particle (refer to Figures 

5 .6  and 5.7). Similar s i z e  ranges of char particles (tens to 

hundreds micro-meter), and methods in determinatbn of 

interface area were used. 

5 .2  cornparison between computationalresults and experimental 

data 

Computational results with values of parameters discussed 

in Sections 4.10 and 5.1 are compared with experimental data 

with furnace temperature controlled at 1200 OC, as reported in 
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Section 3.2. The results are compared include temperature 

prof iles throughout the reacting mixture and local temperature 

as a function of reaction time; local solid composition, i. e. 

metallic iron (Fe0) , ferrous iron (~e*+) f erric iron ( F ~ + )  and 

residual carbon; and local gaseous pressures and compositions 

of exit gas. 

5.2.1 Temperature Profiles 

Computed local temperatures as functions of reaction 

tirne, and temperature profiles across the layer of reacting 

mixture at 10, 20, 30, 40, 50 and 60 minutes with furnace 

temperature set at 1200°C are shown in Figures 3.3 and 3.6. 

The computed temperatures are in good agreement with measured 

temperatures which are shown as points and connected by dotted 

lines i n  the  figures, particularly after about 20 minutes of 

reaction time. Before the twentieth minute, the computed 

values of temperature a t  locations away from the hot surface 

are higher than that measured, especially in locations 3, 4, 

and 5, which may be seen clearly in Figure 3.3. One of the 

reasons is due to water vapour from higher temperature regions 

(such as locations 1 and 2 ) ,  which condenses and later re- 

vaporizes at these locations. The present mode1 does not 

include the heat exchange due to this water vapour 

condensation and re-vaporization, thus has a higher values of 



computed temperatures. 

5 . 2 . 2  R e d u c t i o n  of iron oxides and degree of reduction 

Computed local degrees of metallization and reduction of 

iron oxide as functions of time are shown i n  Figures 3 . 9  and 

3.10. The computed profiles for degree of reduction are shown 

in Figure 3.11. 

In Figures 3 .9  and 3.10, the computed values for the 

degree of metallization and reduction of iron oxide i n  

location 1 is higher than that m e a s u r e d ,  and the opposite is 

true in locations away from the hot face. That may be due to 

part of iron oxides reacting w i t h  the gangue to form a slag 

phase, i. e. a solution at high temperatures. I t  w o u l d  lower 

the thermodynamic activity of the iron oxide and reduce its 

reactivity for reduction. The formation of a slag phase 

usually occurs at high temperature and in  the final stage of 

reduction, and was observed by many experimentalists (Ross, 

1980) . The present mode1 does not include the ef f ect of the  

slag phase formation on the rate of reduction, thus resulting 

in a disagreement in degrees of metallization and reduction of 

iron oxide at high temperatures a s  shown in Figures 3.9 and 

3.10. 

Computed values of both ferrous iron (I?e2+) and ferric 

iron (~e'+) as functions of reaction time are included in 
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Figures 3.12 and 3.13, which show general agreement with 

experimental data. 

5.2.3 Degree of carbon gasification 

Figures 3.14 and 3.15 show the computed and measured 

values for the degree of carbon gasification as functions of 

location and reaction tirne, and the profile for the degree of 

carbon gasification over the height of the packing when the 

f urnace temperature was set at 1200°C, respectively . The lower 
computed values versus the measured ones in about 20 minutes 

at locations 3, 4 and 5 may be due to our inability to 

instantaneously stop the coal devolatilization at the end of 

an experiment, even though the crucible containing the 

reacting ore/coal mixture was quickly removed from Furnace and 

quenched by running water, as described in Chapter Three. It 

took a certain finite time to cool dom the interior loaations 

3, 4 and 5 (Figure 3.3). 

The higher computed value of carbon gasification in 

location 2 may result from the error of average radius for 

coal particles in this location. It was assumed that the 

average radius of char particles increased due to swelling 

during the heating; this results in a higher rate of carbon 

gasification. Figure 5.8 shows the computed average radius of 

coal/char particles. The initial average radius of the coal 
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particle is 3 .45x105 m. In location 1 and 2, the calculated 

average radius of the particle is larger than that of its 

initial respective value at reaction times of about 15 and 30 

minutes, due to the swel l ing  of coal. Coal swelling at this 

location may not be so great or last for so long. 

5.2.4 Pressures and gas flow velocity 

Figure 3.7 shows computed and measured pressures as 

functions of location and reaction time when the furnace 

temperature was set at 1200°C. There is no unique value of 

pressure measured in the ore/coal reacting system. The 

measured values are simply the resultant pressure due to the . 

rates  of gas generation and removal at this location. The 

changes in pore structure, such as crack formation, would have 

a pronounced effect on the rate of removal of gases, i.e. it 

lowers the pressure build-up. Thus, it is not possible to 

accurately calculate the pressures by mathematical modelling 

without detailed structural information of the packing , which 

is not available. However, the computed pressures have the 

same pattern as observed in experiments. 

The pressure peaks computed in the first 20 minutes are 

most likely resulting from high rates of gas generation and 

the lowet void fraction of the packing during devolatilization 

of coal. The computed local rate of gas generation (at 
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location 1 for example) and the void fraction of packing as a 

function of reaction time are shown in ~igures 5.9 and 5.10. 

The high values of gas generation at approximately 5 minutes 

of reaction time at location 1 (Figure 5.9) were from m a l  

devolatilization, and responsible for the high pressure 

computed in this location. The decrease in void fraction of 

the packing due to the swelling of coal resulted in the high 

pressure at this location for about 20 minutes. From the 

computed results, we assumed that the high pressure observed 

in the earlier stage of reaction in the m i x t u r e  is due to 

changing coal properties. 

Computed values of superficial gas flow velocity are 

shown in Figure 5.11. The maximum superficial velocity is 

about 0.014 m / s ,  as anticipated in the modelling. 

5.2.5 Gas compositions 

Computed gas compositions as functions 

are shown in Figures 5.12 t o  5.17. The gases 

- 

of reaction time 

generated at the 

earlier stage mainly originate from devolatilization of the 

coal. Water vapour and CO, were the first t w o  gases to evolve 

from the coal (Figures 5.12 and 5.13) , followed by CH, and tar 
(Figure 5.14 and 5.15) , then CO and H,. 

The concentration of CH, and tar decreased quickly after 

a concentration peak was teached (Figure 5.14 and 5.15). This 
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may be due to the fact that they were generated only by coal 

devolatilization. The H,O and H, (Figures 5.12 and 5.17) , 
although initially generated by the coaldevolatilization, may 

react with carbon or iron oxide before they leave the reacting 

system. As in Figure 5.12, the f irst concentration peak of H20 

at about the second minute of reaction (at location 1 for 

example) is due to its generation by devolatilization. The 

concentration then became lower as the other gaseous species 

were evolved. When H, was generated by devolatilization at 

about the f ifth minute (Figure 5.17) , the reduction of ore by 
H, started, and the H,O generated by the reduction resulted in 

the second concentration peak of O at about the sixth 

minute. 

The concentration of CO, however, kept increasing after 

the f if th minute (Figure 5.16) during the course of reaction. 

It is due to the fact that the CO was not only generated by 

devolatilization (in the first five minutes), but also by 

gasification of char (after the tifth minute). 

Figure 5.18 shows the computed and measured CO, CO2, H, 

and CQ in exit gas as a function of teaction tinte. The higher 

values of computed H, and lower values of computed CO than 

that measured may due to the uncertainty in modelling of 

gaseous product of coal devolatilization. 



5.3 validation of the model 

The mathematical model developed in the present work has 

been applied to the other three sets of independent 

experiments varying in furnace temperatures and ore/coal 

ratios. One set of experiments was carried outwith a furnace 

temperature at 1300°C and an ore/coal ratio of 8 0 / 2 0 ,  and two 

sets of experiments were carried out with a furnace 

temperature at 1200 OC but with ore/coal ratios of 82/18 and 

85/15, respectively. Other than the change in temperature or 

ore/coal ratio, al1 other experimental conditions in these 

three sets of experiments were the same as reported in Section 

3.2. 

Athigher furnacetemperatures, experimentaldifficulties 

in controlling the initial conditions, such as introducing a 

cold object to a hot chamber, arose, particulatly in 

determining time zero and in effectively stopping the chemical 

reactions at the end of the experiment. On the other hand, ' 

higher furnace temperatures are favoured by industry in 

process development. Therefore, two experiments were conducted 

for the chemical analysis of solid compositions with reaction 

times of 30 and 60 minutes, and another two for measurements 

of mixture temperatures and gaseous pressures up to 60 minutes 

of reaction tirne. The results of experiments and computations 

at this experimental condition are compared in Figures 3.18 to 
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3 .24 .  

In experiments with ore/coal ratio of 82/18 and 85/15, 

three experiments were conducted for each ore/coal ratio with 

reaction times of 60 minutes, L e .  each for temperature 

measurement, pressure measurement and chernical analysis of 

solid composition were performed. The results of experiments 

and computations at these conditions are shown in Figures 3.26 

to 3.33. 

General agreement exists between the computed and 

measured temperatures, the degree of reduction and the degree 

of carbon gasification as functions of reaction time and 

location (refer to Figure 3.18 t o  3 . 3 3 ) .  These data appear to 

be comparable with the first set of data reviewed in Section 

5.2. These results illustrate that this mathematical mode1 is 

capable of representing the behaviour observed in this system. 



The general agreement between the computed and measured 

temperature, the degree of reduction and the degree of carbon 

gasification, gaseous pressure and composition of exit gas, as 

functions of reaction time and location, illustrate that this 

mathematical model is capable of representing the temperature 

and composition change observed in this system. 

The cause of higher values of computed temperature at the 

cold end, during the first 20 minutes (Figures 3.3 and 3 . 7 ) ,  

is likely due t o  watet vapour condensation and subsequent 

vaporization, which is not evaluated in the present model. 

The higher values of computed metallic iron content-at a 

location near the hot face may be due to a Fast rise in 

temperature which causes a portion of the iron oxide to form 

a slag phase with gangue before it can be reduced. 

The lower values of computed carbon gasification, at 

lower temperature locations at about 20 minutes, may be due to 

exparimental errors. Specifically, it may be due to the 

inability to instantaneously stop the devolatilization of coal 

at the end of an experiments. 

Further improvement in modelling may be made by including 

changes mentioned above; however, additional efforts are not 

just i f  ied for the present work. 
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Figure 5.1 P l o t  of rate constants against the reciprocal 
temperature for reduction of Fe304 to Fe0 by 
CO 

Figure 5 . 2  P l o t  of rate constants against the reciprocal 
temperature for reduction of F+04 to Fe0 by 
H2 
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Figure 5.4 
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P l o t  of rate constants against the reciprocal 
temperature for reduction of Fe0 by CO 
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Plot of rate constants against the reciprocal 
temperature for reduction of F e 0  by H, 
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Figure 5 . 6  

Plot of rate constants against the reciprocal 
temperature For reduction of F+O, to Fe by H, 
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Plot of rate constants against the reciprocal 
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Computed local average radius of coal 
particles as a function of reaction t i m e  
(Ore/coal=80/20, furnace temperature=1200°C) 
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Figure 5.9 Computed local rate of gas generation by 
devolatilization of coal and gasification of 
char at location 1 (Ore/coal=80/20, furnace 
temperature=1200°C) 

Reaction tirne (min) 

Figure 5.10 computed local void fraction of the packing 
as a function of reaction time 
(Ore/coal=80/20, furnace temperature=1200°C) 



Reaction time (Min.) 

Figure 5.11 Computed local superficial velocity as a 
function of reaction tirne (Ore/coal=80/20, 
f urnace temperature=12 OO°C) - 

1 .O0 - 

0.80 - 

Reaction time (Min.) 

Figure 5.12 Computed molar fraction of CO, in local void 
space as a function of function time, 
(Ore/coal=80/20, f urnace temperature=1200°C) 
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Figure 5.13 Computed molar fraction of H20 in local void 
space as a function of reaction tirne, 
(Ore/coal=80/2 0, f urnace temperature=1200°C) 

Reaction tirne (Min.) 

Figure 5.14 Computed molar fract ion  of CH, i n  local void 
space as a function of reaction tirne, 
(Ore/coal=80/2 0 ,  furnace temperature=120O0~) 
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Figure 5.15 Computed molar fraction of T a r  i n  local void 
space as a function of reaction time, 
(Ore/coal=80/20, furnace temperature=1200°C) 

Reaction time (Min.) 

Figure 5 .16  Computed molar fraction of CO in local void 
space as a function of reaction tirne, 
(Ore/coal=80/ 20,  furnace temperature=1200°C) 



Figure 5.17 

Reaction time (Min.) 

Computed molar fraction of H2 in local void 
space as a function of function tirne, 
(Ore/coal=80/20, furnace temperature=1200°C) 



CHAPTER SIX: RATE CONTROLLING KINETIC STEPS 

The kinetics of reduction of iron ore concentrate by 

pulverized coal in this ore/coal composite is complex. The 

reduction involves simultaneous heat transfer, mass transfer 

and heterogeneous chernical reactions (gas/solid reactions) . In 
this chapter, the individual rate steps involved in the 

reaction are discussed with the use of the mathematical model 

developed in the present work to assess the possible rate 

controlling step to the overall reaction. Values of certain 

physieal parameters, such as furnace temperature, coal type, 

mixture packing density and ore/coal ratio, are varied to 

assess their effects on the rate of overall reaction. 

Implications of the present work in the development of new 

iron ore reduction processes are discussed. - 
In the following discussion, the computational results 

for the case of an ore/coal ratio of 8 0 / 2 0  and a furnace 

temperature of 1200°C, i . e .  Figures 3 . 3 ,  3 .10  and 3.14, are 

used as references for comparison. Values of parameters used 

in the mathematical model are systematically varied for 

comparison of the results with the references. 
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6.1 The establishment of rate-controlling step or steps 

The possible rate controlling steps to the overall 

kinetics in this heterogeneous system may be: (a) one or more 

heat transfer steps between the solid particles and/or between 

solids and gaseous phase; (b) one or more mass transfer steps 

within the gaseous phase, and/or between solids and gaseous 

phases; (c) chemical reactions at interfaces; (d) a general 

case, likely a combination of (a), (b) and (c) . In this 
section, the contribution of individual step of heat transfer, 

mass transf er , and rate of interf acial reactions are compared, 
and the possible rate controlling steps to the overall 

reaction (iron ore reduction by coal) are illustrated. 

6.1.1 Endothermic reaction and heat transf er 

Most chemical reactions in the iron ore/coal mixtures are 

endothermic and temperature sensitive. The exceptions are the 

reduction of magnetite under 570°C and reduction of wustite by 

CO. Heat must be supply continuously to the mixture in order 

to sustain these reactions. This section discusses how the 

heat is transferred to and consumed in the reacting system. 



6-1.1.1 Heat consumption by endothermic reactions 

When the iron ore/coal mixture at ambient temperature is 

placed in the furnace at a set temperature (1200°C), heat 

transfer from furnace to the mixture starts. The heat 

initially transferred to the mixture is essentially consumed 

to raise the temperature physically. As the temperature in the 

mixture increases , chemical reactions take place at certain 
locations. Most of reactions in the system are endothermic, 

especially, coal devolatilization and carbon gasification by 

CO, and H,O. A portion of heat transferred to the interior of 

the system is consumed by these reactions chemically. The 

relative amounts of these physical and chemical heat 

requirements depend on the local situation, such as 

temperature, composition of solid and gaseous materials, and 

the nature of active endothermic reactions. Figure 6.1 shows 

the computed total heat consumed for both physical and 

chemical requirements at different locations as a function of 

reaction tirne. Figures 6.2 and 6.3 show the computed amount 

and percentage of net heat consumed by al1 chemical reactions 

and by carbon gasification (by both CO, and H20). At locations 

1 and 2, about 58% of the heat input is consumed by 

endothermic reactions, mainly by carbon gasifications (about 

54% of heat input) . Only about 42% of heat is used for raising 
the temperature of solids. As a result of intensive heat 



141 

consumption by carbon gasifications at these locations, heat 

transfer to locations beyond this zone (Le. locations 4 and 

5) , is limited. Therefore, the temperature rise and the rate 
of reactions at these locations are very low (see Figures 3.3 

and 3.6 ) .  

The effect of heat consumption by carbon gasification on 

the rate of heat transfer and iron oxide reduction may be 

assessed by computing a hypothetical case, L e .  the heats of 

reaction of carbon gasification are assumed to be zero without 

any other changes in the model. The computed local 

temperatures, the degrees of iron ore reduction and the 

degrees of carbon gasification at different locations as 

functions of reaction time are shown in Figures 6.4, 6.5 and 

6.6. The computed results shown in Figures 3.3, 3.10 and 3.14 

are also included for cornparison. Without the consumption of 

heat by carbon gasification, higher temperatures within the 

reacting system were reached (Figure 6.4) . The rate pf iron 

ore reduction and carbon gasification were also significantly 

increased. The computational results show that carbon 

gasif ication (by CO2 and H,O) has a very strong ef fect on the 

temperature increase and rate of reactions in the interior of 

the reacting system. This effect would be more ptonounced with 

an increase of the reactor s ize .  



6.1.1.2 Heat transfer by conduction 

Heat transfer in this reacting system may proceed by 

conduction, convection and radiation mechanisms. The relative 

importance of these three mechanisms of heat transfer to 

dif f erent locations depends on the local temperature and 

properties of solid and gaseous phases. Due to the srnail size 

of the solid particle (about 4 . 5 ~ 1 0 ~ ~  m in diameter) , and the 
relevant temperature range, the radiation heat transf er has 

been numerically estimated to be at least two orders of 

magnitude smaller than conduction heat transfer (refer to 

Appendix 1). Thus conductive and convective heat transfer are 

the mechanisms for comparison. 

Figures 6.7 and 6 . 8  show computed heat fluxes (total 

flux, -K-aT/ax + ~,c,v,T,, and conductive heat flux, -~,~aT/ax) 

and conductive heat flux as percentage of the total. Heat is 

transferred essentially by conduction at a location nsar the 

hot face (Figure 6.8). The percentage of conductive flux 

decreases at locations far away from the hot face where 

conductivity of solids are low and gas flow is high during 

coal devolatilization. 

The effect of convective heat transfer on both the 

temperature increase of the reacting mixture and the rate of 

overall reaction can be evaluated by the removal of convective 

term in the heat transfer equation (Eq. 4.12). Figures 6.9, 
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6.10 and 6.11 show the computed temperatures and degree of 

iron ore reduction at different locations as functions of 

reaction time when the convective term is taken from the 

equation. Computed results in Figures 3.3, 3.10 and 3.11 are 

also included for comparison. Thermal convection has a very 

limited effect on the temperature of the system, and thus the 

rate of overall reaction. This is due to the fact that the 

amount of gas generated and the flow rate of gas are limited, 

which, in turn, limits the convective heat transfer. 

6.1.1.3 Ef f ect of effective thermal conductivity on heat 

transfer and the overall rate of reaction 

Figures 6.12, 6 .  13 and 6.14 show the computed 

temperature, the degree of iron ore reduction and the degree 

of carbon gasification, respectively, as a function of 

reaction time when the value of effective thermal conductivity 

of reacting mixture is increased arbitrarily by 50% in the 

modal. With higher effective conductivity of the mixture, the 

temperature within the system and the rate of reactions are 

significantly increased. This is due to the increase in the 

effective thermal conductivity of reacting mixture, which 

increases heat flux in the system, and subsequently increases 

the rate of the chernical reactions. Furthermore, earlier 

metallization will increase thermal conductivity of reacted 
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mixture due to the higher content of metallic iron. By these 

compounded positive effects, the increase in the value of the 

effective conductivity of the initial mixture significantly 

accelerates the rate of the overall reaction. 

T h e s e  results (Figures 6.12 to 6.14) f urther conf irm that 

conduction is the dominant mechanism of heat transfer in this 

iron ore/coal reacting system. 

An increase in the effective conductivity of the initial 

mixture can be achieved by different methods, such as 

recycling metallic fines or increasing the density of packing . 

6.1.2 Convective mass transfer 

Mass transfer though porous media in this reacting system 

includes diffusion and convection. CO will be used as an 

example in the following discussion of these two mass transfer 

mechanisms. - 
Figures 6.15 and 6.16 show computed CO transfer f luxes 

(total flux, -t#/tD,A/iîx + p,V,, and convective CO flux p&) 

and convective CO flux as percentage of the total. 

CO is transferred essentially by convection at most of 

locations except location 1 (Figure 6.16). A t  location 1, the 

portion of CO transfer by convection decreases as the rate of 

gas generation decreases at a time near the completion of coal 

devolatilization (near 40th minute) and char gasif ication 
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(near 150th minute (Figure 5.9) ) . 
The contribution of diffusion to the total mass transfer 

in the gaseous phase can be evaluated by the removal of 

diffusion terms in the mass balance equations (Eq. 4.29) . 
Figures 6.17 and 6.18 show the computed values of the degrees 

of iron ore reduction and carbon gasification when the 

diffusion tenns in the mass balance equations were removed. 

Gaseous diffusion has a very minor effect in determining the 

rate of reactions. 

6.1.3 Rate of chemical reactions 

Chernical reactions in the system include devolatilization 

of coal, reduction of iron oxides and gasif ication of carbon. 

Devolatilization of coal takes place at a lower temperature 

and proceeds at a much faster rate than the other reactions, 

and is unlikely to be the rate limiting step. Thus,  the 

reduction of iron oxides and the gasification of char are the 

reactions that are compared here. As these two kinds of 

reactions are coupled through reacting gases, the one with the 

slower specific rate of reaction would exercise more control 

on the rates of these reactions. Sensitivity of this coupled 

reacting system with respect to the rate of the individual 

reactions were tested by varying the value of specific rate of 

each reaction. 
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Figures 6.19 and 6 .20  show the computed degree of iron 

ore reduction and degree of carbon gasification when values of 

specif ic rate of every iron oxide reduction (reactions 4.13 to 

4.15) were doubled. This can be realized by using more porous 

or smaller shed ore particles. Figures 6.21 and 6.22 s h o w  the  

computed degrees of iron reduction and carbon gasification 

when the values of the specific rate of carbon gasification 

were doubled, i . e .  with more reactive or smaller sized carbon. 

An increase i n  the  rate constants of iron oxide reduction 

has a minor effect on the rate of overall reactions. On the 

other hand, w i t h  more teactive carbon, the overall reaction 

could be accelerated. 

An increase in the specific rate of oxide reduction tends 

to increase rate of reduction in the system. However, as the 

reduction of iron ore and gasification of carbon are coupled 

through their gaseous pruducts, this increase in the rate of 

reduction requires an increase of reductant supply, L e .  an 

increase of the rate of CO/H, generation by carbon 

gasification. when an increase of the rate of reductant 

generation is not available due to the slow rate of carbon 

gasification, the potential of higher rates of reduction is 

not realized, as shown in Figures 6.19 and 6.20. 

An increase in the specif ic rate of carbon gasif ication, 

on the other hand, increases the rate of reductant supply. At 

locations where t h e  reductant can be consumed rapidly by 
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reduction reactions, this leads to higher rates of reduction. 

The increased rate of reduction reactions, in turn, increases 

the rate of generation of CO, and H20 for carbon gasif ication. 

With these compounded positive effects, the rates of both 

carbon gasification and iron oxide reduction w e r e  

significantly increased, as shown in figures 6.21 and 6.22. 

With the results shown in Figures 6.19 to 6.22, one may 

conclude that the gasification of carbon is the slowest 

reaction among the reactions in this reacting system. 

6.1.4 Rate controlling steps to overall reaction 

Af ter similar identification of the most critical kinetic 

step in each category as discussed above, the rate controlling 

step of the overall reaction in this iron ore/coal reacting 

system is likely to be one of (a) for heat transfer it is 

conduction; (b) for mass transfer it is convection in gaseous 

phase; and (c) for chemical reactions it is gasification of 

carbon. The kinetics of the whole system is determined by a 

combination of the rate of each of these three steps. The 

distance for gaseous reactant (such as CO,) to move away from 

the site of its creation (an iron ore particle) to the site of 

its elimination (a char particle) may be of the order of tens 

of microns in the higher temperature regions, where chemical 

reactions are more active. These distances are comparable to 
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the mean free path of the gases. This leads to the belief that 

mass transfer of gases is very unlikely t o  be important in 

cornparison with the other two. Thus, heat transfer and the 

carbon gasif ication may play a relatively more dominant role. 

The carbon gasification has a high value of activation 

energy, and thus rate of the reaction is strong temperature 

dependent. As shown i n  Figures 3 . 6  and 3.15. The temperature 

at reaction site is adjusted between the rate of supply of 

heat by conduction and the rate of consumption by the 

gasification reaction. The larger the value of rate constant 

of gasification reaction the more dominant the rate-lirniting 

role of heat conduction. The rate of the overall reaction is 

more sensitive to the value of effective thermal conductivity 

(Figures 6.13 and 6.14) , furnace temperature (Figures 3.19 and 
3-20}, than that of rate constant of carbon gasification 

(Figures 6.21 and 6.22) . The persistence of temperature 

gradients in the reacting system results from the low value of 

effective thermal conductivity of the mixture on one hand, and 

the strongly endothermic reaction of carbon gasification on 

the other. In view of the fact that one can not change the 

heat of reaction of carbon gasification, attention should be 

f ocused on the value of e f fec t ive  thermal conductivity, the 

distance of the heat transfer, and temperature of the heat 

source. 
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6 . 2  Ef fect of certain physical parameters on overall rate of 

react ion 

For industrial applications of iron ore/coal reaction 

systems, physical parameters, such as f urnace temperature, 

coal type, mixture packing density, ore/coal ratio, and s i z e  

of the system are of great concern. The values of these 

parameters were varied to assess their individual effects on 

the rate of the overall reaction. 

6.2.1 Effect of higher furnace temperature 

Figures 6.23, 6.24 and 6.25 show computed results with 

furnace temperature kept at 1300°C (experimental data points 

were shown in Figures 3.18, 3.19 and 3.23). The results with 

furnace temperature at 1200 OC (from Figures 3.3, 3.10 and 

3.14) are also included for comparison. A higher farnace 

temperature increased the rate of heat transfer t o  the system, 

and resulted in faster rise in temperature and increased the 

rate of iron ore reduction. 

6 . 2 . 2  Effect of coal type 

The coal used in the experiments in the present work is 

high-volatility bituminous coal. In commercial production, 
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coke breeze or coal char may be used as a reductant. To 

compare the effect of volatile matter on the rate of overall 

reaction, char was used as a reductant in the model for 

calculation. Initial ore/char ratio was set to be 83.7/16.3 by 

Wt%, which is the same oxygen/carbon ratio as in the case of 

the ore/coal ( 8 0 / 2 0 )  system. 

Figures 6.26 and 6.27 show computed degrees of iron ore 

reduction and carbon gasification when char is used as the 

reductant. Results with the use of coal are also included for 

comparison. Up to the time when approximately 80% of the 

reduction is completed, the rate of iron ore reduction is 

faster when using coal as the reductant (Figure 6.26). It is 

due to coal devolatilization at lower temperatures (about 

500°C) which re leases  gaseous reductant (CO and H,) to start 

reduction at these temperatures. In the  case of using char, 

less gaseous reductant was generated until it reached a higher 

temperature (about 750°C) ,  where gasification of char becomes 

significant (Figure 6.27) . The results in Figures 6.26 and 

6.27 show that coal as the source of reductant leads to a 

higher rate of iron ore reduction compared to char or coke, 

but coal has a lower efficiency of reduction. 

6.2.3 Effect of ore/coal ratio 

Figures 6 . 2 8  and 6.29 show the computed degree of 
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reduction and carbon gasif ication when the initial mixture was 

packed at ore/coal ratios of 75/25, 80/20 and 85/15, 

respectively, with other conditions unchanged. With a lower 

ore/coal ratio, a higher degree of reduction is reached at the 

same location and reaction time (Figure 6-28), which is due to 

more reductant being available for reductions . However , too 
low of an ore/coal ratio (such as at 75/25) introduces an 

excess amount of coal in the system, and results in both a 

higher residual carbon content in the reacted mixture (Figure 

6.29) and a poor energy efficiency. An inadequate supply of 

coal ( L e .  ore/coal = 85/15) leads to incomplete reaction. An 

ore/coal ratio of about 80/20 appears to be optimum for both 

rate of reaction and energy efficiency. 

6 . 2 . 4  E f f e c t  of initial packing density 

Figures 6.30 and 6.31 show computed temperatures and 

degrees of reduction as a function of time with packing 

densities of 1900 and 2300 kg/m3, respectively, with al1 other 

conditions unchanged. An increase in packing density increases 

the effective thermal conductivity of the porous solid, 

However, it increases heat consumption pet unit volume of the 

mixture. In Figure 6.30, the temperature rise is slower at 

locations far from hot surface where the increase in the heat 

requirement outweighs the increase in effective thermal 
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conductivity. As the result, the degree of reduction is lower 

at most locations, except location 1, for the higher packing 

density (Figure 6.31) . This calculated result suggests that 
for smaller s h e d  composites, such as a sphere of 0.007 m 

radius or smaller, the benefit of higher density is 

significant for the increase of productivity. 

6 .2 .5  Effect of pre-reduction of ore 

Magnetite concentrates are used in the present study. 

Pre-red.uction of magnetite to wustite can be f acilitated with 

a gas of lower reducing potential and at lower temperature, 

such as exit gas from current reacting system. Potentially, 

the exit gas from the reacting system at a temperature of 

about 500 to 600°C may be used for pre-reduction. 

Figures 6.32 and 6.33 show the ef fect of pre-reduction of 

magnetite on local temperatures and degrees of reduction, Pre- 

reduced magnetite to wustite, which accounts for 25% removal 

of oxygen in the initial iron oxide, results in an earlier 

formation of metallic iron, which increases the effective 

thermal conductivity of the reacting mixture. This promotes 

heat conduction and a faster increase in the mixture 

temperature (Figure 6.32). The higher temperature at al1 

locations, in turn, increases the rate of the overall 

reaction. 
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6 . 2 . 6  Effect of configuration and s i z e  of composite 

The present work is designed with one-dimensional 

cylindricalgeometry for its simplicity in modelling. However, 

it is the worst fonn for heat transfer based on surface/volume 

ratio. The best configuration is a spherical pellet. The 

present mode1 was used to calculate the overall rate of 

reduction for a pellet of different s i z e s ,  in a furnace kept 

at different temperatures under an inart atmosphere. The 

results are shown in Figures 6.34 and 6.35. For a large sized 

pellet (0.014 m in diameter), an eighty percent reduction may 

be reached within 10 minutes of the charging of the pellet at 

ambiant temperature into a chamber kept at 120OUC. 

6.2.7 Direct heating from above 

Reduction processes with the use of carbon-containing 

agglomerates in a rotary hearth furnace have heat sources 

above the bed with radiation as the dominant heat transfer 

mechanism. In the present work, heat is supplied by conduction 

through the conductive bottom plate. For comparison, heat 

fluxes at various locations and times in the one dimensional 

system of the present work are shown in Figure 6 . 7 .  It is 

clear that for a given location, the heat flux increases w i t h  

the  increase of metallization of iron ore for higher effective 
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thermal conductivity, and decreases in the later stage due to 

slower rates of heat consumption by the endothermic reactions. 

Radiation heat fluxes from the refractory surface (and 

indirectly from a flame) to the surface of an ore/coal mixture 

of an assumed temperature are given in Figure 6.36. In those 

cases where the hot gas, which is the source of heat, is 

oxidizing with respect to sponge iron (such as in the  FASTMET 

Process), the re-oxidation of iron in the later stage of 

process will become critical, not the rate of heat supply. 

The validated mathematical mode1 has been used to study 

the kinetics and mechanisms of reactions in ore/coal 

composites. The results show that conduction heat transfer is 

the dominant rate limiting step to the overall reaction in the 

reacting system. This is due to the fact the low effRctive 

thermal conductivities of the mixture, and t h e  highly 

endothermic reactions of carbon gasification. An increase in 

heat flux may be achieved by increasing the temperature of the 

heat source and/or by increasing the effective thermal 

conductivity by various means. For practical applications, the 

shape and size of agglomerates (briquettes or pellets) and the 

mechanism of external heat transfer (by radiation or 

convection) to the agglomerate are the most important factors 

in the process design. 
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Figure 6.1 Computed total accumulated heat consumption 
as a function of reaction time 
(Ore/coal=80/20, furnace temperature=1200°C) 

Figure 6 . 2  

Reaction tirne (Min.) 

Computed accumulated heat consumption by 
chernical reactions as a function of reaction 
tirne, (Ore/coal=80/20, furnace temperature 
=12 00°C) 
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Figure 6.3 Percentage of heat consumed chemically as a 
function of reaction t i m e  (Ore/coal=80/20, 
furnace temperature=1200°C) 

Figure 6 . 4  

Reaction time (Min.) 

E f f e c t  of heat of reactions on computed local 
temperature (Ore/coal=80/20, furnace 
temperature =1200°C) 



Reaction time (Min.) 

Figure 6 . 5  Effect of heat of reactions on computed 
degree of reduction (Ore/coa1=80/20, furnace 
temperature =12 00°C) 

Reaction time (Min.) 

Figure 6 . 6  Effect of heat of reactions on conputed 
degree of carbon gasification (Ore/coal= 
8 O / 2 O ,  f urnace temperature = 1200°C) 
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Figure 6.7  Computed head flux as function of reaction 
tirne (Ore/coa1=80/20, furnace 
temperature=12 OO°C) 

Reaction time (Min.) 

Figure 6 . 8  Computed percentage of heat flux transferred 
by conduction (Ore/coal=80/20, furnace 
temperature =1200°C) 
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Figure 6.9 E f f e c t  of convective heat transfer on 
computed temperature (Ore/coal=80/20, furnace 
temperature =1200°) 

Reaction time (Min.) 

Figure 6.10 Effect of convective heat transfer on 
computed degree of reduction (Ore/coal=80/20, 
furnace temperature =1200°C) 
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Figure 6.11 Effect of convective heat transfer on 
computed degree of carbon gasification 
(Ore/coal=80/20, furnace temperature=120Q°C) 
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F i g u r e  6.12 Effect of value of effective thermal 
conductivity on computed temperature 
(Ore/coal=80/20, furnace temperature=1200°) 
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~igure 6.13 Effect of value of effective thermal 
conductivity on computed degree of reduction, 
(Ore/coal=80/20, furnace temperature=1200°) 
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Figure 6.14 Effect of value of effective thermal 
conductivity on computed degree of carbon 
gasif ication, (Ore/coal=80/20, furnace 
temperature=12 00') 
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Figure 6.15 Computed CO flux as a function of reaction 
t i m e  (Ore/coa1=80/20, furnace 
temperature=1200°) 

Figure 6.16 

Reaction tirne (Min.) 

Computed percentage of CO flux by convection 
(Ore/coa1=80/20, furnace temperature=1200°) 
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Figure 6.17 Effect of gas diffusion on computed degree of 
reduction (Ore/coal=80/20, furnace 
temperature =1200°) 

Figure 6.18 

Reaction time (Min.) 

Effect of gas diffusion on computed degree of 
carbon gasification (Ore/coal=80/20, furnace 
temperature = 1200') 
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Figure 6.19 E f f e c t  of specific rate of iron ore reduction 
on computed degree of reduction, 
(Ore/coal=80/20, furnace temperature = 1200") 
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Figure 6 . 2 0  E f f e c t  of specific rate of iron ore reduction 
on computed degree of carbon gasification, 
(Ore/coal=80/20, furnace temperature=1200°) 
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Figure 6.21 E f f e c t  of specific rate of carbon 
gasification on computed degree of reduction, 
(Ore/coal=80/20, furnace temperature=1200°) 

Reaction tirne (Min.) 

Figure 6 . 2 2  Effect of specific rate of carbon 
gasification on computed degree of carbon 
gasif ication, (Ore/coal=80/20, f urnace 
temperature=1200°) 
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Effect of furnace temperature on computed 
local temperature (Ore/coal=80/20, two 
furnace temperatures) 

Reaction time (Min.) 

Effect of furnace temperature on computed 
degree of iron ore reduction (Ore/coal=80/20, 
two f urnace temperatures) 
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Figure 6 .25  E f f e c t  of furnace temperature on computed 
degree of carbon gasification 
(Ore/coal=80/20, two furnace temperatures) 

Figure 6 . 2 6  

Reacüon time (Min.) 

Effect of coal type on computed degree of 
iron ore reduction (Ore/char=83.7/16.3, 
furnace temperatmes= 1200') 
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Figure 6.27  Effect of coal type on computed degree of 
carbon gasification (Ore/char=83.7/16.3, 
furnace temperatures= 1200") 
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Figure 6.28 Effect of ore/coal ratio on computed degree 
of iron ore reduction (Different ore/coal 
ratio, furnace temperatures=1200°) 



Figure 6.29 
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Effect of ore/coal ratio on computed degree 
of carbon gasification (Different ore/coal 
ratio, furnace temperatures=1200°) 
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Figure 6.30 Effect of packing density on computed local 
temperature (Ore/coal=80/20, furnace 
temperatures =12 00°) 
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Figure 6.3 1 E f f e c t  of packing density on computed degree 
of iron ore reduction (Ore/coal=80/20, 
f urnace temperatures = 12 00") 
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Figure 6.32 Effect of pre-reduction on computed local 
temperature (Funace temperatures=1200a) 
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F i g u r e  6.33 Effect of pre-reduction on computed degree of 
iron ore reduction (Furnace 
temperatures=l2 00") 

Fumace temperature: 1 20O0C 

Atmosphere: lnert 

Ore/coal ratio: 80/20 
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Figure 6 .34  Computed degree of reduction of individual 
pellet for different pellet s i z e  



T: furnace temperature 
Atmosphere: inert 
Pellet sire: 10 mm 
Ore/coal ratio: 80120 
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Figure 6 .35  Effect on furnace temperature on computed 
degree of reduction of individual pellet 

Figure 6.36 Computed radiation heat flux Erom furnace to 
pellet as a function of pellet surface 
temperature 



CHAPTER SEVEN: CONCLUSIONS 

Carefully designed experiments have been conducted to 

study the kinetics and mechanisms of iron ore reduction in 

ore/coal composites. Experimental data obtained as functions 

of time and furnace temperature include in-situ measurements 

of temperature and pressure, profiles of chemical compositions 

across partially reacted iron ore/coal mixture, and chemical 

compositions of exi t  gas. 

A non-isothermal and non-isobaric mathematical mode1 has 

been developed for the study of the mechanisms of this system, 

and validated by cornparison with experimental data. Based on 

the experimental measurement and theoretical study of the 

present work, the following conclusions have been reached: 

(1) Heat transi er across the product layer and within the 

mixture of solid reactants has been found to be the dominant 

rate limiting steps to the overall rate of reaction. It is due 

to the low effective thermal conductivities of the porous 

media, and highly endothernic teaction of carbon gasif ication. 

(2) Among the heat transfer mechanisms, conduction is 

dominant. 

(3) Convection due to gas flow within this porous system 

has been found to be the dominant mass transfer mechanism in 
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comparison with diffusion. The gases are generated by chemical 

reactions and the flow is driven by pressure gradient in the 

system, 

( 4 )  The reduction of iron ore and gasif ication of carbon 

in the system are coupled through reacting gases, and the 

gasification is the slowest reaction. 

(5)  The extent of the pressure build-up in the  early 

stage depends on the rate of gas generation by the 

decomposition of coal and the resistance to gas flow in the 

porous medium. 

(6) As heat conduction is the rate limiting step to the 

overall reaction, any efforts that could increase the rate of 

heat conduction would increase the rate of the overall 

reaction. Such an increase in the heat conduction rate could 

be f acilitated through an increase in the f urnace temperature, 

an increase in effective thermal conductivity by recycling 

metallic fines, an increase in packing density and a decrease 

in the size of the composite. 

(7) A smaller size of coal and more reactive char would 

increase the rate of the overall reaction, However, the change 

of s i z e  of ore particle has only a minor effect on the rate of 

the  overall reaction under the conditions studied in the 

present work. 

(8) In comparison with the coke and char results, coal 

results in a higher rate of overall reaction due to early 
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release of reductants (CO and H,) by coal devolatilization. 

(9) Pre-reduction of the magnetite concentrate to wustite 

would significantly increase the rate of processing due to an 

earlier formation of iron, resulting in a faster heat 

transf er . 
(IO) The present work is designed in an one-dimensional 

cylindrical geometry for simplicity i n  modelling. However, it 

is the worst form for heat transfer based on surface/volume 

ratio. For practical applications, preparing ore/coal mixtures 

in the f orm of pellet will be benef icial in heat transf er, and 

subsequently in the overall reaction. 

(11) The s i z e  of the pellet and the mechanism of external 

heat transfer to the pellets are the most important factors in 

any process design, such as in the case of FASTMET Process. 

(12) In the case where a hot gas is the source of heat 

and this gas is oxidizing with respect to sponge iron, the re- 

oxidation of iron in the la t ter  part of process will become 

critical, not the rate of heat supply. 



FUTURE WORK 

(1) Experiments may be designed and carried out to study 

the effect of both direct heating and an oxidative atmosphare 

on the rate of the overall reaction in the ore/coal pellet. 

Mathematical modelling may also be upgraded to  ref lect the new 

experimental design. 

(2 )  The methodology and mathematical mode1 in the present 

work may be applied to other carbothermic processes, such as 

the sintering of iron ore, direct reduction ptocesses such as 

FASTMET, and coking processes. 



NOTATION: 

activity of Fe 

activity of Fe0  

specif ic surface area, m2/kg 

reaction surface area in the reaction zone, m2 

concentration of CO, m o l e / m 3  

concentration of CO,, m o l e / m 3  

concentration of CO at the bulk gas phase, mole/d 

concentration of CO2 at the bulk gas phase, m o l e / m 3  

concentration of CO at exterior surface of the 

particle, m o l e / m 3  

concentration of CO2 at exterior surface of the 

particle, mole/m3 

concentration of H2, m o l e / m 3  

concentration of H20, m o l e / m 3  

specific heat of the sol id m i x t u r e ,  J/kg/K 

specific heat of the gas, J/kg/K 

effective diffusivity for CO, m2/s 

Effective diffusivity for CO,, m2/s 

Effective diffusivity of species j in the gaseoue 

phase, m2/s  
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Effective d i f  fusivity of species j i n  the gaseous 

phase, m2/s 

average diameter of the particle, m 

,activation energy' of reaction i, J/mole 

volume fraction of component i in the control 

volume 

frictional force acting on gas by packed bed, ~ / r n ~  

view factor for top face of the packed bed and the 

mouth of crucible 

standard free energy change of the reaction 

mass-transfer coefficient for CO, m/s 

mass-transfer coefficient for CO2, m/s 

mass-transfer coefficient for gaseous species j,  

m/ s 

enthalpy , 5/m3 
heat of chemical reaction i, J/mole 

rate constant for reaction i 

pre-exponential constant in rate constant for 

reaction i 

equilibrium constant for reaction 

equilibrium constant for reaction i 

effective thermal conductivity of the mixture, 

W/m/K 

portion of effective thermal conductivity of the 

mixture by conduction, W/m/K 
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K~mnr portion of effective thermal conductivity of the 

mixture by radiation, W/m/K 

height of packed bed, m 

molecular weight of the gaseous species j, kg/mole 

mean molecular weight of the gaseous mixture, 

kg/mole 

number of particles of so l id  reactant for reaction 

i in the mixture, m-3 

nDm molar flow of CO by diffusion across the product 

layer , mole/ s 
nDm molar f low of CO2 by diffusion across the product 

layer , mole/s 
nmCO molar flow of CO from bulk gas phase to the 

exterior surface of the pellet, mole/s 

nrnw molar flow of CO2 from exterior surface of the 

pellet to the bulk gas phase, mole/s 

N~ net rate of gaseous species j consumed/generated by 

chemical reaction i, mole/ s/n? 

pressure, Pa 

partial pressure of CO 

partial pressure of CO, 

heat flux, s/rn2/s 

radius, m 

average radius of particle for reaction i, m 
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rate of chemical reaction i, mole/m3/s 

rate of oxygen removal by the interfacial reaction, 

mole/ sec 

gas constant, 8.314 J/mole/k 

shape factor of particles 

time, S. 

temperature, K 

average velocity of gas flow in the interstices of 

the packed bed, m/s 

superficial gas velocity (Va@), m/s 

weight of oxygen in iron oxide, mole 

un-evolved portion of volatile component i, kg/kg- 

coal 

distance, m 

mole fraction of species j in the gaseous phase, % 

density of a solid reactant, kg/m3 

oxygen density in a solid reactant, m o l e / m 3  

reacted fraction of iron oxide 

density of mixture, kg/m3 

density of gas, kg/m3 

density of gaseous species j ,  k g / d  

void fraction of the packed bed 

reacted fraction of iron oxide i 

viscosity of fluid, Paes 



tortuosity factor 

emissivity 

Stef an-Boltzmann constant, 5.147x10- '~  w/m2. k4 
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Appendix 1: Estimation of effective thermal conductivity and 

thermal capacity of the mixture 

A.l.l The effective thermal conductivity of the mixture, K, 

The effective thermal conductivity of the mixture, &, 
includes heat conduction through the solid and gaseous phases, 

and radiation across interstices. It may be expressed as 

(Gabor and Botterill, 1985) 

4 f f m  - Keffmc + Keffmr (A*  1) 

where and are the portions of effective thermal 

conductivity by conduction and radiation in the mixture, 

respectively, and are evaluated as follows. 

A . I . i . 1  The effective thermal conductivity of solid and 

gaseous phases, &,, 

In a multiple phase system, the effective thermal 

conductivity is a function of temperature, properties of each 

phase ( L e .  size, shape and conductivity) , and relative 

amounts of, and interactions between, each phase. It may be 



expressed as follows (Bear, 1 9 7 2 )  : 

where i is index for components in the mixture ( i = F e ,  FeO, 

Fe$,, coal and gas) , and f, and K, are the volume fraction and 

thermal conductivity of component i in the control volume, 

respectively. The temperature dependence of K, for iron and 

its oxides can be obtained from experimental results of 

Akiyama et al (Akiyama, Ohta, Takahashi, Waseda and Yagi, 

1992) . The thermal conductivity of coal may be estimated f rom 

following equation, which was derived by Atinson and Merrick 

(Atinson and Merrick, 1983) specifically for coking  coals 

during t h e i r  thermal decomposition 

Fina l ly ,  the thermal conductivity of gas mixtures is u s u a l l y  

estimated by the following equation (Rosner, 1986) 
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where yj is the mole fraction of component j (j=CO, CO,, H,, 

H20, CH, and tar) with a molecular weight 3 and a thermal 

conductivity Q. Values for K, are obtained from references 

(Kaminski, 1993 ; Touloukian, 1970) . 

A.I.1.2 The equivalent conductivity of radiation heat 

transfer, &,, 

In this reacting system, the equivalent conductivity of 

radiation heat transfer, ï&-, is a function of temperature, 

properties of the solid component (size and emissivity of 

particles) and the void fraction of packing. It may be 

calculated from the following equation (Geiger and Poirier, 

1973) 

where 

In order to appreciate the relative importance of each 

term in Equation ( A  1) , a typical case is analyzed as an 
example. At a temperature of 1150 OC a specific reacted 

mixture composition (listed in Table A d ) ,  and a particle s i z e  

diameter of 4 . 5 ~ 1 ~ ~  m (mean diameter of initial mixture) , 
is equal to 2.97~10" W/m/K when emissivity is assumed to be 



L 0 .  The 

iron may 
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thermal conductivity of sponge iron or solid metallic 

be chasen to be 24.27 W/m/K according to experiments 

by Akiyame et al (1992). The void fraction of t h e  mixture is 

chosen to be 0.683. From Equations (A. 5) and (A. 6) and the 

values chosen above, IC, and &O would be essentially equal. 

On the other hand, K, may be calculated from Equation (A .2 )  

(with solid properties l i s t e d  i n  Table Am1 and values of 

thermal conductivity from Akiyama's at this temperature), to 

be about 31.38 W/m/K. Therefore IC, is estimated to be three 

orders of magnitude smaller than &. 

In the present work, the reaction temperature is below 

1150 OC and emissivity is less than 1.0; therefore, in 

Equation (A.), & may be neglected without introducing 

significant error in computation. 

Table Amle Composition of reacted mixture 
when local temperature reacted about 1423 K 

A. 1 . 2  Effective specif ic heat for the mixture C, and C, 

the effective specif ic heat of a mixture o f  gases depends 

on temperature and composition. It is usually calculated from 

the specific heat of each pure component by the method of 

' 

components 

measured volume 
fraction (%)  

Fe 

0,246 

Fe0 

0.067 

void 

0,635 

F& 

0,004 

Char 

0.048 
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weighted average. Thus, the effective specific heat of the 

mixture at certain temperatures in the present reacting system 

may be calculated based on the following equation 

where Cb is specific heat of component i in the control 

volume . 
The temperature dependence of the specific heat for iron 

and iron oxides are chosen from references (Smithells, 1967). 

"Specific heat of a coalvv is usually estimated by empirical 

equations due to the fact that the compositions of coals are 

very complex. Kirov (1965) and Merrick (1983) proposed a model 

for the estimated specific heat of coal. In this model, coal 

is regarded as simple mixture of coke, volatile matter and 

ash. Correlations for the variation in the specific heats of 

these components with temperature are proposed, and (by 

assuniing additivity) the specific heat of coal during 

decomposition may be expressed as 

='",a, - f&,, + f&, + f&, (A- 8) 

where f,, f, and fa are mass fractions of f ixed carbon, 

volatile matter and ash in the coal, respectively; Cwf, C, and 

C, are specific heat of fixed carbon, volatile matter and ash 

in the coal, respectively. Their correlation with temperature 

may be expressed as 



CF-4920.38 +13.171T (A. 10) 

The specific heat of the pure gaseous component C, is 

taken from the references (Kaminski, 1993; Touloukian, 1970). 



Appendix II. The estimation of values of Reynolds Number and 

some terms in momentum equation 

A.II.1 Reynolds number 

In the flow of a f l u i d  through a packed bed, the pressure 

losses are caused by kinet ic  and viscous energy losses as 

described in two separate tems in the Ergun equation. The 

relative importance of these two types of losses is determined 

by properties of the packing and the fluid, and velocity of 

f luid f low. It is correlated as a function of Reynolds number 

w i t h  particle size as the characteristic distance. At a low 

f low rate of f luid (i . e. low Reynolds number (<IO) ) , the 
viscous loss dominates the pressure 

may be neglected. At a high flow 

number) , the kinetic energy loss 

loss, and the kinetic loss 

rate (i. e. high Reynolds 

is dominant. In order t o  

determine the relative importance of these two types of  losses 

in the present reaction system, the Reynolds number is 

estimated based on the conditions used both in the experiments 

and in numerical solution of the mathematical model. 

The Reynolds number in a porous medium packed with 

spherical part icles is dei ined as f ollows (~eiger and Poirier, 



(A. 12) 

In the present reaction system, gases are generated by 

chemical reactions only. The maximum superficial velocity is 

estimated to be less than 0.10 m/s. The average diameter of 

the particle (pulverized coal and iron ore concentrate) is 

measured to be about 4.5~10~' m, and the void fraction of the 

packed bed is 0.405. The density and viscosity of gas are 

f unctions of temperature, pressure and gaseous composition. 

Over a temperature range from 300 to 1400 K, gaseous 

viscosities Vary from 1 . 5 ~ 1 0 ~ ~  to 3.8x10-~ (Pa -s) . As most of 
the reaction takes place at temperatures higher than 600 K, an 

average viscosity of 2.0~10~' Pa*s and average density of 0.8 

kg/m3 may be used to estimate a maximum Reynolds number of 

0.303: 

0.8~0.1~4. ~ X I O - ~  303 (A. 13) 
2 .  OXIO-~X (1-0.405) 

As the Reynolds number is less than 1, the kinetic energy 

loss is much less important in comparison with viscous loss in 

this reaction system, and the kinetic term in the Ergun 

equation may be neglected. 



A.II.2 The contribution of each term on the right-hand- 

s i d e  of Equation (4.42) to the momentum change 

In order to determine the importance of each term in 

right-hand-side of Equation (4.42) to the momentum change in 

the contra1 volume, the value of these terms is estimated 

numerically based on the conditions used in experiments and in 

numerical solutions of the mathematical model. 

In the numerical solution, the value of A X  (mesh s i z e )  is 

chosen to be 0.001 m, which is used in the estimation. The 

same values of gas and solid properties as in the estimation 

of Reynolds number are also used here, 

a The pressure gradient 

As only a very small pressure difference (about 100 Pa) 

exits over a distance of 0.001 m, the value of the pressure 

gradient term may be estimated as: 

(A. 14)  



a b Term - 

The maximum value of p ~ : / #  may be estimated from the 

maximum gas flow velocity and minimum void fraction to be 

0.8x0 .01 /0 .405~0.0488.  The maximum gradient would be 

(A. 15) 

c Term a ~ V , - l S O  (i-@)* r \  
4' CS&) 

This term may be estimated as follows with the assumption 

that the particle shape factor is unity: 

The maximum value of this term may be estimated as 

(A. 17) 

By comparison, the pressure gradient is three and two 

orders of magnitude larger than the gradient of kinetic energy 

and the kinetic terms, respectively. The viscous term is four 

and three orders of magnitude larger than the gradient of 

kinetic energy and the kinetic terms, respectively. For 
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numerical computation, Equation (4 .42 )  may be simplif ied as 

follows without introducing signif icant error i n  computation. 

(A. 18) 
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